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Multiphase Reactors

Music, to create harmony,
must investigate discord

— Plutarch

The first part of this text was concerned with chemical reaction kinetics and reactor
design-analysis procedures that showed the common features pertaining to homo-
geneous or pseudo-homogeneous systems. In fact, we got rather far along with the
latter approach in the last chapter, extending to some rather advanced problems in
reactor analysis. There comes a time'!, though, when we have to acknowledge the
existence of more than one phase, and we really can’t get around it. Some of this we
have even tried to cope with in Chapter 7 regarding catalytic effectiveness, for
example.

In this chapter we shall look at the analysis of multiphase reactors, typically
gas-liquid-solid, that are found in diverse applications throughout the reaction engi-
neering world. The reaction/reactor models that we have presented, at least up to
Chapter 7, had some pretense of generality. As we go forward, any hope of that is
gone. Our abilities in design and scale-up are not yet developed to the point where we
can develop a general correlation of, for example mass transfer, that can be applied
to any three-phase reactor that comes along. Thus, we will see in this chapter the
development and presentation of much material that is specific to well-defined sub-
systems, and our basic task will be to assemble a number of these in a rational way to
define the overall. This is fun, but one will quite soon see what is meant by ‘“‘con-
servative design’.

8.1 Fluidized-Bed Reactors

Fluidized-bed reactors are used in a number of applications ranging from catalytic
cracking in the petroleum industry to oxidation reactions in the chemical industry. A
number of advantages and disadvantages may be tabulated for this type of reactor,
but we can shorten this somewhat by saying that most applications involve reactions
in which catalyst decay is prominent and a continuous circuit is required for catalyst
regeneration, or reactions where close control of operating conditions, particularly

I« . when the fat lady sings ...”"—Anonymous
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temperature, is required. We will see that the high level of mixing in most fluidized
beds leads to behavior similar in some aspects to that of CSTRs. We will first
describe qualitatively some simple fluid mechanics associated with fluidized beds,
and then proceed to reactor applications. The treatment here is limited to some of
the simpler models; much more detail is available in the work of Kunii and
Levenspiel [D. Kunii and O. Levenspiel, Fluidization Engineering, 2 ed,
Butterworth-Heinemann, Boston, MA, (1991)].

811 Simple Fluid Mechanics: Minimum Fluidization and Entrainment

Most discussions of fluidized beds begin with a discussion of some fluid mechanics,
and we will follow suit. Figure 8.1 depicts what one might observe upon passing a
gas upward through an initially fixed bed with increasing gas velocity. At lower
velocities, in region (a), the bed of particles retains its fixed-bed configuration, and
the pressure drop across the bed increases linearly with the flow velocity. At a
particular point, mainly dependent upon the size and shape of the particles, there
will be a slight expansion of the bed and some limited particle movement will be
observed. This point is termed incipient fluidization, and the corresponding gas velo-
city is u,,r. Since the changes in bed configuration are still quite small at this point, it
is difficult to observe visually, however, it is characteristic that above the point of
incipient fluidization the pressure drop remains constant with increasing flow velo-
city. The configuration of the bed, though, changes considerably. Region (b) corre-
sponds to a free bubbling behavior in which the fluidizing gas forms discrete bubbles
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Figure 8.1 Gas transport through a bed of particulate solids regions of operation. [After J.J.
Carberry, Chemical and Catalytic Reaction Engineering, with permission of McGraw-Hill
Book Co., New York, NY, (1976).]
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that pass through the now fluidized bed without interacting with each other. Region
(c) is that in which bubble agglomeration is sufficient that coalescing bubbles can
grow to a size on the order of the containing vessel. Finally, region (d) corresponds
to fluid velocities that are sufficiently large that individual particles are entrained in
the gas phase and possibly transported out of the vessel. The two quantities that we
would like to know from a simple, practical point of view are this entrainment
velocity, u,, which sets a limit on the operable region of fluidization at the high
end of the velocity scale, and the incipient fluidization velocity, w,,r, which does
the same thing at the lower end of the scale. We will also see that many of the
correlations used in fluid-bed design are based on u,,, making knowledge of that
quantity essential.

For the determination of the entrainment velocity, assuming that there is no
particle-particle interaction, we may use a force balance based on Stoke’s law

(ps - p)ng = 37T/'Ldput (8'1)

where d, and V), are the particle diameter and volume, respectively, p and p are gas-
phase properties, and p, is the density of the particles. Using spherical geometry as
an example

(%

(d,)(ps — p)g
181

and

uy = (8-3)
Practical operating conditions for fluidized beds must obviously be lower than this
value, often about one-half of u,. The entrainment velocity is strongly dependent
upon particle diameter so that in a given operation if a range of d, is involved and
there is to be no elution of solid from the bed, then the size distribution must be
taken into account.

Determination of the minimum fluidization velocity is a little more compli-
cated, but still straightforward. The well-accepted correlation for pressure drop of a
fluid flowing through a packed bed, from Ergun, we repeat here, but written in terms
of the minimum fluidization velocity,

AP 150(1 —¢)? 1.75p(tt) (1 — €)
T e Mt 4,6
14 14

(8-4)

We have already stated in the previous chapter reservations about the applicability
of this equation to pressure drop with small particles but it seems a visible basis for
much work on fluid beds—thus, if it works, don’t fix it.

The AP is balanced by the gravitational force at the point of incipient fluidiza-
tion,

(ps = p)AL(1 — €)g = (AP)A4 (8-5)

where A is the cross-sectional area, e the bed void fraction, L the length of the
bed, and pg and p densities of the solid and fluid, respectively. The minimum
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fluidization velocity is given implicitly by equating the pressure drops in equations
(8-4) and (8-5):

150(1 — ¢)? 1.75p(ttyyr)* (1 — €)
(—€)(ps —p)g = T MUy g d},e3

(8-0)

Again, if there is a distribution of particle sizes this must be taken into account and
there will be no unique u,,, for the bed as a whole.

81.2 ATwo-Phase Reactor Model

If we look at the picture of fluidization given for u > u,, (case b of Figure 8.1), a
two-phase model is suggested in which there is a dilute or bubble phase (consisting
mostly of gas but perhaps some entrained particles as well) and a dense phase which
is mostly particulate but with a porosity e somewhat greater than that of the fixed
bed (i.e., gas “‘entrained” in the particulate phase, if one wishes to push the analogy
with the dilute phase). We can further picture that such a condition of fluidization
will produce an isothermal reaction due to the mixing and agitation of the dense
phase produced by bubble motion. This, indeed, is the visualization of the two-phase
model proposed by Davidson and Harrison [J.F. Davidson and D. Harrison,
Fluidized Solids, Cambridge University Press, London, England (1963)].

The two phases of the Davidson-Harrison model are a bubble phase of the gas
passing throughout the reactor (with no catalyst entrainment), and an emulsion phase
containing all of the catalyst particles and some gas. The bubble phase is normally-
considered to pass through the reactor in plug flow, while the emulsion phase can be
either well mixed or in plug flow itself. Since all of the catalyst is contained within the
emulsion phase, that is where all of the reaction occurs. Communication between the
bubble and emulsion phases occurs by cross-flow and diffusion across the interphase
boundary. Finally, any increase in bed height upon fluidization is considered to be
due to the volume of the bubbles in the bed. The emulsion phase moves at a velocity
equal to the minimum fluidization velocity, u,,,, and the bubble phase at a kind of
slip velocity, uy — u,,r, where u, is an entering gas velocity.

This description gives a formidable laundry list of requirements that are
embedded in the model, and in any given system some may not be valid. We do
have to start somewhere, however, and the Davidson-Harrison list of specifications
is as reasonable as any at this point. Figure 8.2 presents a schematic of what is
envisioned in the two-phase model. Some of the requirements can be written imme-
diately in mathematical form. For height, we have

TR’L = 7R*Ly + nR*LNV
or

Ly
L=——"— 8-7
(1=NV) (8-7)
where L and L, are the heights of the fluid bed and the unexpanded bed, respectively,
N is the number of bubbles per unit volume of bed, V' the average volume per
bubble, and R is the bed radius. For the mass transfer between the bubble and
emulsion phases we can define a mass exchange coefficient as the sum of individual
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Figure 8.2 Schematic of the two-phase model of a fluidized bed according to Davidson and

Harrison. [After J.J. Carberry, Chemical and Catalytic Reaction Engineering, with permission
of McGraw-Hill Book Company, New York, NY, (1976).]

coefficients relating to diffusional transport and cross-flow
Q=q+k,S (8-8)

where Q is on overall coefficient, volume/time, ¢ the cross-flow coefficient, k,; the
normal mass-transfer coefficient (but in volumetric units), and S an interphase area.
Since there is no reaction in the bubble phase, then concentration changes of position
are possible only via interphase transport and the mass balance in the reactor at any
point is

@+ kiS)C— ) =u (1) (5-9)

where C, and C, are, the concentrations of reactant in the two phases and
Up, = Uy — lef

To proceed further we must make an assumption concerning the nature of the
flow in the emulsion phase. Taking this to be plug flow at the velocity u,,r, we may
now set forth an overall balance for the two phases as

dc, dcC
”mf(d—y> +(uo—umf)<d—;’) +kC,(1=NV)=0 (8-10)

where the rate constant k is for Academic Reaction #1. Alternatively, if it is assumed
that the emulsion phase is well mixed, we obtain

NVup(Cy — C)[1 — exp(—=QL/up V)] + uy(Cp — C,) = x (8-11)

with x = kLC,(1 — NV). The reactor model is expressed overall, then, as the com-
bination of equations (8-9) and (8-10), or as (8-9) and (8-11). Proceeding with the
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first pair, with the emulsion in plug flow, the equations (in terms of grouped coeffi-
cients) are

dCb Y -
dCe dCb (67 .
(l—ﬁ)( dy>+ﬁ(—dy)+(z>ce—o (8-13)
where
I/l() MO leV

The boundary conditions for equations (8-12) and (8-13) are

dCb)
y b 0 ( dy ( )

These two equations can be combined to give the following expression with C;, as the
dependent variable

2
L2(1—/8)(dd)gb) —i—L(v—i—a)(dd—CJ:b) +avC, =0 (8-15)

Two boundary conditions at the same point are normally to be avoided, however,
the nature of what we look at here does not permit the exit derivative condition so
useful in dispersion model analysis. As indicated in Figure 8.2, the overall exit
concentration is determined by the combination of the expressions for C,; and
C,r, as

uOCL = (uo - umf)CbL + umeeL (8'16)

and, at any point, from equation (8-12)

cmn (4)(%)

The overall result for plug flow in both bubble and emulsion phases is

CL) 1 |: ( Z/lmeaz)
— )= |y (1 —— exp (—a, L
(Co (@ —ay) | Y (Fal)

L
o1 Yoot o
where
_ (vt a)£[(v+a) =41 - Bay]'?
ap,dy =

2L(1 = B)

We will discuss the evaluation of some of these model parameters subsequently, but
let us first examine a second example of modeling of fluidized beds.
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81.3 AThree-Phase Model

In the two-phase model above it was assumed that the bubble phase contained no
solids (no catalyst), and that the bubbles were spherical. In fact, both of these
assumptions are wrong in most cases. We need in particular to address the question
of bubble geometry. Figure 8.3 illustrates what a bubble traversing a bed of
particulate solids is more likely to look like. The shape is more that of a distorted
hemisphere, or the dome of a mushroom, than that of a sphere. Moreover, there is a
phase immediately surrounding the bubble that contains a concentration of solids
different from both the bubble and emulsion phases. This is shown in the figure as a
“cloud” or “‘wake” phase. This view of the bubble in passage through the bed is not
one made up for the sake of proposing a new model, but is based on a large amount
of experimental data, much of it photographic. Obviously, such evidence would call
for some restructuring of the Davidson-Harrison approach to account for actual
bubble geometry and, more importantly, to account for the existence of three phases.
To a considerable extent these factors depend on the types of particles that are being
fluidized, which in turn determine the type of fluidization to be expected. A widely
used classification is that of Geldhart [D. Geldhart, Powder Tecnol., 7, 285 (1973);
19, 133 (1978)] which divides perticulates into four different types of behavior. These
are

A Materials with small mean particle size and/or low particle density
(< l.4g/em®). These are easily fluidized and give small bubbles at higher

velocities.
:.i:" ._.I l‘.;.‘::
Trajectory S : \\ -
of a particle v [l

Wake region
where mixing

Mixed solids occurs

Figure 8.3 A more precise view of bubble geometry. [After D. Kunii and O. Levenspiel,
Fluidization Engineering, with permission of Butterworth-Heinemann, Boston, MA, (1991).]
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B Sand-like materials with particles 40-500 um in diameter and density of
1.4-4.0 g/em®. These also fluidize well but demonstrate bubble coalescence
and growth.

C Very fine powders that are cohesive due to interparticle attraction. Difficult
to fluidize; flour and starch are examples.

D These are large and/or dense particles that are difficult to fluidize and give
erratic fluidization patterns with channeling and spouting behavior. Drying
grains, roasting coffee, and coal gusification are examples.

Each of these groups can be classified generally as to the particle size/density
as a generic measure of the nature of fluidization. This is shown in Figure 8.4.
As indicated in the figure, group A (and sub-group A’) are the most likely to
be associated with reactor design, and the data leading to the visualization of
Figure 8.3 has been obtained in large part from fluidized solids belonging to this
group.

The Kunii-Levenspiel model [D. Kunii and O. Levenspiel, Ind. Eng. Chem.
Fundls., 7, 446 (1968); Ind. Eng. Chem. Proc. Design Devel., 7, 481 (1968);
Fluidization Engineering, 2 ed., Butterworth-Heinemann, Boston, MA, (1991)]
envisions a solid-free bubble phase, generally corresponding to operations where
Uy > 2y, is surrounded by the cloud-wake phase which, in turn is surrounded by
the emulsion phase. In general the flow of all three phases is in the same upward
direction, although in some ranges of bubble velocity the emulsion phase may flow in
the opposite direction. In any event, at a given point in the reaction three rate
processes occur simultaneously:
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Figure 8.4 Geldhart classification of particles for fluidization by air at ambient temperature.
Region A’ corresponds to the properties of well-behaved fluid cracking catalysts. [After D.
Kunii and O. Levenspiel, Fluidization Engineering, with permission of Butterworth-
Heinemann, Boston, MA, (1991).]
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1. Mass transfer from the bubble to the cloud-wake phase. There is a possible
chemical reaction in the bubble phase, but this will be small since the
amount of catalyst in the bubble phase is also small.

2. Mass transfer of reactant into the cloud-wake phase from the bubble
phase, and from there into the emulsion phase. There is chemical reaction
in the cloud-wake phase.

3. Mass transfer of reactant from the cloud-wake phase into the emulsion
phase. There is chemical reaction in the emulsion phase.

This sequence of events is depicted schematically in Figure 8.5, following the
reactant. More precisely, we may write the balances for reactant as

Disappearance in bubble = reaction in bubble + transfer to cloud-wake
Transfer to cloud-wake = reaction in cloud-wake + transfer to emulsion
Transfer to emulsion = reaction in emulsion

Using the notation given in Figure 8.5, we have

dcC dcC
- (7;7) = U (d_yb) = Wk, Cp + Kp(Cp — C.) (8-22)
Kbc(cb - Cc) = 70k1~cc + Kce(Cc - Ce) (8'23>
Kce<Cc - Ce) ~ Veki‘ce (8_24>

If we allow ourselves the latitude to replace ~ with = in the above, then combination
of (8-22) to (8-24) to eliminate the concentrations C,, and C, gives

dc

where u, = (uy — u,,s), and K, the composite rate constant, is given by

1
Bubble Phase loud/Wake Phase Emulsion Phase
Conc = C, Conc = C, Conc = C,
Vol Solids = Y Vol Solids = Y. Vol Solids = 7.
Vol Bubbles Vol Bubbles Vol Bubbles
Kbc Kce
Transfer e————————%  Transfer —_—
l (8-19) 'I (8-20) J (8-21)
Reaction = Reaction = Reaction =
Yok C, YkC. 1.k.C,

Figure 8.5 Mass transfer and reaction steps in the three-phase model.
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with
| 1
b _K_Z,C+fyck,,+ 1/«
and
1 n 1
o =—
KC@ P)/Ekl’

Integrating equation (8-25) gives the bubble concentration at height y as

&) -erl-(2)]
and overall
o (%) exp (—K/ L) (3-28)

where X is the conversion of reactant. In beds where the bubble motion is quite
vigorous, then uy > u,,, and a good approximation of equation (8-28) is

k6L
1 — X = exp ( ~ Zb ) (8-29)
0

with 6 = (ug/uy).

Some study of the structure of equation (8-26) provides support for the advice
that all parameters are (can be) equal, but some are more equal than others. For a
fast reaction, k, is large and the early steps dominate. Inversely, for slow reactions k,
is small and the latter steps prevail. For a very fast reaction transport rates limit, and
the value of K, is approached by k,~,, even though ~, is generally very small. This
results in

Ky = (k. — Kpe) (8-30)
and
L
I_X:exp|:_(7bki'+Kbc)<7_):| (8'31)
Uy
For a very slow reaction, k., < K,. and K, thus,
1 - Cf'
Ky = (0 +ve +v)ke = by | —5= (8-32)
This will give us an expression for the overall conversion of reactant as
—k.(1 —¢/)L
|- X =exp {M} (8-33)
Uy

where ¢, is the porosity of the fluidized bed.

It is of interest to compare the efficiency of a fluidized bed in terms of
the Kunii-Levenspiel model to that of a corresponding plug-flow reactor. We can
do this by comparing the catalyst requirement in a PFR to that in the fluid-bed
reactor (FBR) for the same conversion, which in general is the ratio of the effective
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overall rate constant (first-order, remember) in the FBR to the intrinsic rate con-
stant, so

kb K
(I-¢) k(l-¢)

where k, = (K;/k;) and E is an efficiency in terms of (PFR/FBR). For a slow
reaction £ — 1, and for a fast reaction E — [y,6/(1 —¢,)].

An alternative development of the three-phase model, in terms of nondimen-
sional parameters, is very good for those who like to think in terms of numbers.
We define the reaction-transport parameters using the corresponding Damkd&hler
numbers,

E

(8-34)

k, k,
Npge = ——; Npge = — 8-35
Da,c Kbc 9 Da,e Kce ( )
and phase effectiveness factors,
= (8-36)

1+ YilNpa,i

The fluid-bed effectiveness has the physical significance that for small Np,;, 7; — v
and there is total utilization of catalyst in that phase, while for large Np,;, 7, — 0
and the phase is not utilized for chemical reaction. Thus, the effectiveness definitions
for the three phases are

Ny = b
Ye (8_37>

N =—"—
‘ 1 +'7cNDa,c

We also define the overall fluid-bed efficiency as

= (2)(3)~(3)

where V), is the volume of the bubble phase and ¥V the volume of solids. For the
three-phase model this is given by

b= (%) [% i Npg,e + 11/(% + m)] (8-39)

For large Np, and fast reaction,

14
ne = 0; ne = 0; E= (7b>vb<<1 (8-40)
For large Np, and intermediate reaction,
Vi
ne = 0; E=1{7 (v +me) <1 (8-41)

For small Np, and slow reaction,

%
E= (7b) B+ +7) — 1 (8-42)
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81.4 The Parameters of Fluidized-Bed Reactors

While building up mathematical models for reactor design and performance is fun,
the day of reckoning must come sooner or later when we have to determine if the
model parameters are experimentally visible, or how they may be correlated to
reaction conditions or properties of the reaction system.> An important aspect of
the Kunii-Levenspiel model is that, building upon the insights provided by Davidson
and Harrison, a substantial amount of information has been accumulated over the
years concerning the parameters involved. We focus attention to fluid beds with dis-
crete, noninteracting bubbles in the bed, generally corresponding to operation in
region A (or more particularly A’) in the diagram of Figure 8.4. To a large extent
these parameters are concerned with bubbles, bubbles, and even more bubbles.

For mass transfer from the bubble to the cloud-wake phase, we can go back to
the form of equations (8-22) and (8-23), where

Ky = (q + kpeShe) (8-43)

In this, ¢ is the cross-flow coefficient and S}, the interfacial area. From the work of
Davidson and Harrison, the value of ¢ is expressed in terms of the bubble diameter,
dy, as

g = (3m/4) s (dy)’ (8-44)

For spherical-cap bubbles and a penetration theory model, the mass-transfer coeffi-
cient is given by

ky, = (0.975)(D)"/? <d§> v (8-45)
b

so that overall we have
- lyy D1/2g1/4
K. = (4.5) (d—b) + (5.85) <W (8-46)

For transport between the cloud-phase there is no net flow of gas, so that diffusion is
the only mechanism of transport. This is similar to a problem worked out by Higbie
[R. Higbie, Trans. Amer. Inst. Chem. Eng., 31, 365 (1935)] in terms of the penetration
theory.

4Pe,
k,, ~ < Ermf ) (8-47)

s

For bubbles with thin clouds, generally corresponding to the Geldhart
region A’,

de=dy; = — (8-48)

2«Lots of models, lots of shining stars, lots of days. The models and the stars go away, but the days
don’t.”—Ascribed to B. Hope
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The exposure time for an element of bubble surface in contact with the emulsion
phase, ¢, is approximated as

‘= (j—:> (8-49)

Now if we set the results of equations (8-48) and (8-49) into (8-47)
S ce 4D Emf Upy /2 S, 4
K, = — = _ _— —_— -
=@ 1)(@)] G o5

D Emf Ubr sk
d;

or

K, = (6.77)( (8-51)

The velocity term, u,,, appearing in these equations is the rise velocity of the bubble
with respect to the emulsion phase, and is given by

= (0.711)(gdy)"/? (8-52)
and the bubble velocity, up, is
Up = Uy — Uy + Up, (8-53)

The particle distribution among the three phases of course determines
the relative magnitude of chemical reaction. The ~ values appearing in equations
(8-22) to (8-24) are defined as (volume of solids)/(volume of bubble). If 6 is the
volume fraction of a bed occupied by bubbles, we have the balance,

6(’)% +7@ +7€) = (1 - Ef) = (1 - Emf)(l - 6) (8'54>
and
Yo = s _emf(s)(l —9) — % = Ve (8-55)

For the cloud-wake phase

_(I—Emf): 1 —e.. 3
e (fc + fw) ( "’!/) (ubrEmf/umf) —1

where f. and f,, are factors for the cloud volume and wake, respectively. The value
of f. is given by

+ fu (8-56)

3
(”br@nf/”mf) -1

f= (8-57)

while the value of f,, is best estimated from the correlation of experimental data
in terms of d, shown in Figure 8.6. From this we go forward by combining equations
(8-56) and (8-57) to obtain

3
ubremf)/umf -1

Ye = (1 - 6mf) ( +fw
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Figure 8.6 Wake fraction of three-dimensional bubbles. [After D. Kunii and O. Levenspiel,

Fluidization Engineering, 2 ed., with permission of Butterworth-Heinemann, Boston, MA,
(1991).]

and, inserting the correlations for u,,

(3“111/"/6111/")
(071 1)(gdb)1/2 — umf/emf

This leaves the value of ~,, which we know to be quite small, but not necessarily
zero. Kunii and Levenspiel cite values on the order of 1072 to 10> based on experi-
mental results of questionable accuracy, and suggest a rule-of-thumb value of 0.005
for ~,.

Finally, there is the value of ¢ to be considered. This quantity, the fraction of
the bed in bubbles, can vary significantly depending upon velocity. For slow bubbles
(”b < ue>e

_ Uy — Uy
Uy + 2umf

Ye = (1 - 6mf) + /[w <8-58)

(8-59)

where u, is the upward superficial velocity of the gas through the emulsion phase,
defined by

e\ (=) _ u (8-60)
6}/nf (1 - 66) umf
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For fast bubbles (1, > Sty /€,r),
5= o= (8-61)

Up — Upf

and in the limit where uy > u,,,

U
o=|(— 8-62
<u,,> ( )
Equations (8-43) to (8-62) have now taken us through a full tour of the
parameters of the three-phase model. Our interests here are primarily for vigor-
ously-bubbling beds that exhibit behavior characteristic of the A’ region of
the Geldhart diagram, or at least close to it. One sees in review of these

equations the very important role that d, and u,, play in determining fluid bed
behavior.

Illustration 8.4°

Estimate the conversion for a first-order irreversible reaction with rate constant kf of
10 m*-gas/m>-cat-s taking place in a fluidized bed, given the following data.

Gas P =2x10"m?/s

Particles (d,) = 68 um, (p; — p,) = 0.8

Bed en = 0.50 (fixed bed),~, = 0.005
€my = 0.55; u,,r = 0.006 m/s; d, = 0.04m
Ly=7m; uy =0.1 m/s; dp,y =026 m

Solution

Let us first check where we are with respect to the Geldhart classification of
Figure 8.4. The values of d, and (p, — p,) given as data land us well into the A’
region of Geldhart A particles, so the parameter correlations presented above should
be valid. Further uy = 16u,,, and u, ~ 90u,,, (shown subsequently), so that we
are dealing with a fine-particle bed, fast bubbles, and a thin cloud phase. From
equation (8-52),

up, = (0.711)(gdy)"/* = (0.711)[(9.8)(0.04)]'/* = 0.445
from equation (8-53),

up = thy — Uy + tp, = 0.1 —0.006 + 0.445
u, = 0.539m/s

> Adapted from [D. Kunii and O. Levenspiel, Fluidization Engineering, 2 ed., with permission of
Butterworth-Heinemann, Boston, MA, (1991).]
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From equation (8-54),

(4.5)(0.006)  (5.85)(2 x 107°)/%(9.8)!/4

K. =
004 (0.04)%3

Ky, =326
From equation (8-51),

(2 x 10%)(0.55)(0.445) 7"/
(0.04)°

K., = (6.77)

K,=187s"
Since (up/u,,r) > 1, we may use equation (8-62) for 6.
6=1(0.1/0.539) = 0.186

For the values of the various 7s, we have

v, = 0.005
From equation (8-57a),
3
v, = (1 = 0.55) + 0.60

(0.445)(0.55)/(0.006) — 1

where the value of f,, is obtained from the correlation of Figure 8.6 for glass spheres,
d, = 68 um. Thus,

v, = 0.304
From equation (8-55),

~(1-0.55)(1—0.186)
Yo = 5 0.005

v = 1.668

The data give us a value for L, the height of the fixed (unfluidized) bed, so we must
determine L for this operation. An overall mass balance for bed solids is

Lo(l - €m> = me(l - 6mf) = L(l - ef) (1)

thus
_L0<1 _em) ii
L) )

The fluid bed voltage, ¢, is related to the total fraction of bubbles in the bed, 6, and
the voidage of the emulsion phase, ¢,, by

(I—¢)=(1-061-¢) (ii)
However, we have no value for ¢,; a reasonable approximation in this case is that

€e ~ Emf (IV)
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and then

(I—¢)=(1=0)(1—é€y) (v)
so, finally

(1 —¢)=(1-0.186)(1 —0.55)

(1 —¢r) = 0.366

From equation (ii),
(0.7)(1 — 0.50)
0.366
L =0.956m

We may now consider the rate of chemical reaction. We can determine K, from
equation (8-26) using the quantities detailed above. The result is

Ky =1.98s""
Then, using equation (8-28)

(1—X)=6Xp<—ﬂ)

(1.98)(0.956)}

(1 =) =exp {_ 0.539

(1—X) =0.030

lllustration 8.2

Develop a measure of reaction-reactor performance that can be used directly from
fluid-bed operation to compare PFR and CSTR conversion limits.

Solution

This sounds formidable, but it really is not. For a feed rate v (m?/s) of reactant gas at
concentration Cy ; (mols/m?) to a catalyst bed containing solids of volume V, (m?),
the outlet concentration, Cy ,, or the outlet fractional conversion, X, are given by
familiar forms.

PFR 1 —Xa = (Ca,o/Ca;) = exp(—k,7) (1)
CSTR 1= Xp = (Cao/Cas)=(1+k7)" (ii)

However, rather than thinking of 7 as just a contact time, let us define it as

< volume catalyst ) ( VS>
T = ‘ =|— (iii)
volumetric flow rate v

For illustration, this value of 7 would be in units of (m® cat/m? feed-s). For the fluid
bed, the dimensionless rate group is given by
_kL(1—¢)

Uy

kT (iv)

for isothermal flow with no density changes.



588

Chapter 8

HORATIO SAYS

We have worried previously about basing the
minimum fluidization velocity on the Ergun equa-
tion. How would the results of Illustration 8.1 be
affected by a £10% uncertainty in u,,?

Partially because of the backmixing behavior and partially because of the
efficiency of contact between fluid- and catalyst-phases, fluidized beds are less
efficient than fixed beds, at least in terms of the amount of catalyst required to
attain a given conversion. Although plug flow seems reasonable for the motion of the
bubbles, particularly in the Geldhart A-A’ regions, bubble-emulsion interchange,

Geldart A particles

T T T 1

Calculated lines .
. Ly =07m 4
dp (m)/uy(m/s)
<
>.< 0.1
T Backmix flow
L
!
! -
" ‘| Plug flow Illustration 8.1. |
[
|
.01 - L 1 1 | 1
0.015 ~ L J
Li(1-&) .
Kr”L'=Kr— uo - l=m,mforf

Figure 8.7 Conversion in fluid beds of very fine Geldhart A catalysts. Lines calculated with
equations (8-26) and (8-27), s = 0.006 m/s, (d,/uy) as the parameter; see Illustration 8.1.
[After D. Kunii and O. Levenspiel, Ind. Eng. Chem. Research, 29, 1226, with permission of the
American Chemical Society, (1960).]
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bypass flow, and other mass-transfer resistances are not accounted for and can make
serious deviations from the PFR model. At the same time, though, such deviations
do not approach the limits of the CSTR model. Figure 8.7 gives a summary of results
for a number of experimental studies on reactions conducted on fine Geldhart A
catalysts, together with the predictions from PFR and CSTR models. The results
shown are calculated as in Illustration 8.1; the lines follow in general trend the data
presented, if (d,/ug) is used as a parameter. We really cannot say however, that this
resolves the problem of fluid-bed design, since there are still a couple of adjustable
parameters lurking.

815 Selectivity Factors in Fluidized-Bed Reactors

The three-phase model is readily extended to more complex reaction systems if one is
willing to endure the algebraic complications. This was worked out [O. Levenspiel,
N. Baden and B.D. Kulkarni, Ind. Eng. Chem. Process Design Devel., 17, 478 (1978)]
for the classical Denbigh reaction sequence.

AR E g

kl‘2 l lk"4
T U

with k.1, =k, + k,» and K34 = k.3 + k,4. The key equations are the material bal-
ances for A and R. Thus, for A,

dcC
- ub( d;b> = Ypkr12Cab + KpeaA(Cab — Cac) (8-63)
Kbc,A(CAb - CAC) = ’VCkrIZCAc + Kce,A(CAc - CAe) (8'64>
KcezA(CAc - CAe) = ’VekrIZCAe (8'65)

and for R,

dCay
“ul\ =g )T Vok134Cro — Y6kt Cab + Kpe r(Crp — Cre) (8-66)
Kbc,R(CRb - CRC) = ’Vckr34CRc - ’YCkI‘ICAC + Kce,R(CRc - CRe) (8'67>
Kce,R(CR(,’ - CRe) = ’Vekr34CRe - ’Vekrl CAO (8_68>

For no intermediate in the feed the initial conditions are
Cab = Ca; Cry = 0; y=0
As in the case for a single reaction we eliminate the intermediate concentrations Cag,

Cae» Cre, and Cg, 1n the equations above. Integration and considerable algebraic
manipulation produces the following results.

CAO CAbO
Gy, O, PR 8-69
Cn,  Ca exp(—Ky1a7) (8-69)
CRo KfAR

B | ~Ryom) —exp(—Ky 8-70
Ca, (Kf34 — K (exP(=Ky1o7) = exp(=Ky347) (8-70)



VS L(l — Ef) L(l — Ef)
T = — — . = .
v U uyo

This gives a cumbersome but straightforward result for Ky,

1 1)
K = |:'7bkrl2 + ( } (

a+()| (1- ef)
where
Q= 1/Kbc7A
C=[+1/(A+w)]
Y= ’Yc'kl‘IZ
and

A= I/Kce,A; W= 1/(’Yekr12)
Similarly, for K34

1 o

Ky = | vk
34 VpKr34 + (Ck/ +CI) (1 - €f>

where
a/ = l/Kbc,R
(=N +1/N +w)
7, = ’V(fkr34

and

)‘/ = l/Kce,R; wl = 1/(’7€kr34)

k,
KfAr = <k 1 )Kflz - KfA
r12

Chapter 8

(8-71)

(8-72)

(8-73)

(8-74)

Finally, K/ is given by equation (8-75), which is sufficiently awkward to warrant its

own space on the following page.

Now while those equations seem to go on and on, they essentially represent the
simple combinations of reaction and mass transfer parameters that will either be
known for the system (various k,.) or that can be calculated (mass-transfer coefficients).
Overall there are 22 separate reaction and mass-transfer steps represented in this
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4+ (B)(O)(D)
[(E)(F) + GlI(H)(L) + M]

Kia =

A= (Kp gKeon) /72

B =k + Keen/ve + Keen /e

C = ka4 + Keor/Ve + Keo g/ Ve

D = (6Kpe aAkrikia) /(1 — €f)

E =k + Kpen /e o
F =kyy+ Keea /e
G= (krlche,A)/%
H = ky3q + Kpe /e
L= k4 + Keo /e

M = (kr34Kce7R)/’yc
analysis of the Denbigh sequence as shown in Figure 8.8. The concentrations of

other components involved in the reaction are obtained by a sequence of material
balances as,

krlkr3
Cs = 8-76
%o krl2kr34(CA,~ - CA()) ( )
C,p = e (Ca — C 8-77
TO - k,lz A,' A()) ( - )
krlkr4
— et — 8-78
Cuo K,~12k,~34 (CAl CAO) ( )

2 Uin
. Dubble::

cUin o

‘emulsion.

r emulsion

Figure 8.8 Reaction and mass transfer steps for the Denbigh reaction sequence—three-phase
model. [After D. Kunii and O. Levenspiel, Fluidization Engineering, with permission of
Butterworth-Heinemann, Boston, MA, (1991).]
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As might be expected, numerous simplifications of this analysis are possible for
special cases. Two of particular interest are

Lo kg < kg
In this case ky5 in equation (8-74) is small and as an approximate result

k,
kiar = <k ! )Km (8-79)
rl2

2. Kbc and Kce — 00
Here the balance equations can be simplified to

C
(C_:) = exp(—k,1,7)

CR() ) kl‘l
= exp(—k,1o7) — exp(—k,347
(CAO Kaa — ko [exp(—k,127) P(—k347)]

(8-80)

Finally, the maximum amount of intermediate is often a quantity of
interest. If we consider that R is a desired product, then

Cr(max) [ Krar K1 Krsa/ (Krsa—Kr12) 1)
CA. N Kf12 -

i

with 7 at Cr(max) as

r(max) = Vs — M (8-82)
v (Kpg — Kppp)

As a final word on this development of selectivity, and indeed the developments
and illustrations provided throughout this discussion of fluidized beds, we must
remember that good old Academic Reaction #1 was employed throughout.
However, one should be able to insert any form of reaction kinetics desired with
the expectation that the equations will become nonlinear. The concept of rate pro-
cesses occurring in a series of steps is a core of these models, even though there is no
strong a priori evidence to support this view.* A different viewpoint, picturing mass
transport from a solids-lean phase to a solids-rich, cloud-emulsion phase was
reported to be superior in some respects to series models such as that of Kunii
and Levenspiel [see J.J. Carberry, Trans. Inst. Chem. Eng., 59, 15 (1981) and A.A.
Shaikh, Chem. Eng. Technol., 13, 273 (1990)].

8.2 Slurry Reactors

As can be envisioned by the name, slurry reactors are normally three-phase reactors
that involve gas and liquid phases with a catalyst solid phase. Normally the catalyst
particulate phase is finely divided with motion-mixing largely governed by the
motion of the liquid phase. We will also see in the following that the bubbles of
the fluidized bed apply to slurries, although the correlations are somewhat different.
In general, we will consider the slurry to be a continuous phase with the gas well-
dispersed within the reactor.

4 «Stick close to your desks and never go to sea.”—W.S. Gilbert
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There are many applications of slurry reactors in industrial processes, see for
example, Y.T. Shah, Gas-Liquid-Solid Reactor Design, McGraw-Hill Book Co., New
York, NY, (1979). Examples include hydrogenation of unsaturated oils, oxidation of
olefins, and various polymerization reactions. Advantages over competing three-
phase reactors such as trickle beds include improved catalytic effectiveness (small
catalyst size), better mass transfer between phases, and better heat transfer (i.e.,
better temperature control). However, on the negative side it will be seen that a
well-agitated slurry reactor is first cousin to a classical CSTR® and high conversions
are best achieved by staging since the rate of chemical transformation is dictated by
the exit concentration of the reactants.

In slurry systems, similar to fluidized beds, the overall rate of chemical trans-
formation is governed by a series of reaction and mass-transfer steps that proceed
simultaneously. Thus, we have mass transfer from the bubble phase to the gas-liquid
interface, transport of the reactant into the bulk liquid and then to the catalyst,
possible diffusion within the catalyst pore structure, adsorption and finally reaction.
Then all of this goes the other way for product. Similar steps are to be considered for
heat transfer, but because of small particle sizes and the heat capacity of the liquid
phase, significant temperature gradients are not often encountered in slurry reactors.
The most important factors in analysis and design are fluid holdups, interfacial area,
bubble and catalyst particle sizes and size distribution, and the state of mixing of the
liquid phase.®

8.21 An Analysis of Mass Transfer

A typical three-phase slurry reaction is
A + vB — Products

where A and B are the reactants in the gas or liquid phases. Generally we will refer to
A as a reactant in the gas phase and B as a nonvolatile reactant in the liquid phase.
This is typical of hydrogenation and oxidation reactions [R.V. Chaudhari and P.A.
Ramachandran, Amer. Inst. Chem. Eng. J., 26, 177 (1980)]. The intrinsic rate of
reaction per unit weight of catalyst can be represented with a power-law kinetic
model,

(=r) = Kpram [A]" [B)" (8-83)

or, since we are generally dealing with catalytic reactions, a Langmuir-Hinshelwood
expression such as

(=)

where (—r) is the local rate of reaction at a point within the catalyst where the
concentrations are [A] and [B]. Often the liquid-phase reactant is present in large
concentration excess. In such case, the variation in [B] in the reactor (or with time of

_ KA)B
1 + K[A] + K3[B]

(8-84)

3 Slurry-phase reactions are also sometimes carried out in bubble-column reactors, where mixing of the
slurry phase is promoted by bubble motion in the column. We will not, however, consider this case
explicitly here.

® After the tribulations of analyzing the Denbigh sequence in fluidized beds, a reasonable reaction might be
“Worth seeing? yes; but ... worth going to see?”’—S. Johnson
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[ [
GAS, A, : : LIQUID, A, /
I I
4|\ I
| 2 | N\
I I
1 | |
I I l
I I N\ 3
I I I
I I I
I I I
I I I
I I I
I I I
I I I
I I I
[ [ [
| ? | T |
Gas-Liquid Interface Liquid-Solid Interface

Figure 8.9 Concentration profiles for a reactant, A, in a slurry reactor. Point 1 = A,,, Point

2 = A, Point 3 = 4,.

reaction) is not significant, the intraparticle concentration of B is constant equal to
that in the bulk liquid phase, and consequently the reaction is pseudo-first-order,

(=ra) = kul4]" (8-85)

where k,, = k{4, {[B];}". The overall mass transfer/reaction in a slurry reactor is
illustrated in Figure 8.9 in terms of the concentration profiles characteristic of the
gas-phase reactant A.

For steady-state conditions and the assumptions of plug flow in the gas phase
and complete mixing in the liquid phase, one can write the mass balance for reactant
at any point in the reactor as

—u, (%) — (kgS)p(Ag — Ag)) =0 (8-86)

where y is a measure of position in the reactor (we are tacitly assuming that the
bubbles will flow upwards through the reactor), u, is bubble velocity and S is an area
for mass transfer. The brackets denoting concentration have been removed for sim-
plicity. For mass transfer we have further,

(kgS)A(Ag - Agl) = (kIS)A(Alg - Al) (8‘87)
Now, assuming that Henry’s law is valid for the gas-liquid interface,
Agl — HAA]g (8-88)

Combining equations (8-86) to (8-88) gives

() (i)
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where K; S is the overall mass-transfer coefficient for the transport of A from bulk-
gas to bulk-liquid phase, and H, is Henry’s law constant for A. The overall mass-
transfer coefficient is related to the individual coefficients by direct application of the
film theory of resistances in series.

1 1 1
= +
(KLS)a  Ha(kgS)s — (kiS)a

(8-90)

which, so far, is not yet anything to get particularly excited about. Let us integrate
equation (8-89) over the reactor height, y, to get

A, — Hx A
g A
AT _ 8-91
Ay — HaA] exp(—a,y) (8-91)
where
= (K1S)a
UgHA

The concentration of reactant A leaving the reactor is

A, = Ag [exp(—ay L)] + HpAj[l —exp(—ayL) (8-92)
The rate of reactant consumption per unit volume of the slurry phase is
H
Ry =22 (4, — 4,) (8-93)
VL o i

where subscripts o and i refer to outlet and inlet conditions, respectively, v is the
volumetric flow rate of gas, and V; is the volume of the slurry. The rate of mass
transfer from the liquid to the surfaces of the catalytic phase is also R, at steady
state,

Ra = (kgS,)a(A) — Ay) (8-94)
with (k,S,), an appropriate mass-transfer coefficient and A4 the reactant concentra-

tion at the external surface of the catalyst particles. Combining equations (8-93) and
(8-94)

Ry = M, Kéi) - As] (8-95)
with
M=\ T e CERN }_1 (8-96)

Before equations (8-95) and (8-96) can be used to estimate the overall rate of mass
transfer for A, we must eliminate the surface concentration, A,. The rate of chemical
reaction, written for the power-law expression of equation (8-85), is

<_’YA> = RA =T kaA?7 (8-97)

where W is the mass of catalyst per unit volume of slurry and k,, is the pseudo-mith-
order rate constant in (crn3 /g) (cm3 /mol)mfl-sfl. The catalyst effectiveness factor, for
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spherical geometry, can be approximated by
1 1

where ¢ is the generalized Thiele modulus as defined by Bischoff [K.B. Bischoff,
Amer. Inst. Chem. Eng. J., 11, 351 (1965)].

o= (B[ 20craaa] (3-99)

where (—r,) is the local rate of reaction. For an mth-order irreversible reaction this
reduces to

m—1-1/2
5 (?) [(erl)ZpgkmAS } (5-100)

with D,, the effective diffusivity of the reactant in the catalyst pore structure and p,
the catalyst particle density. Since the Thiele modulus is a function of A4, except for
m = 1, a trial procedure is required to calculate R, for the general power-law case.

Ramachandran and Chaudhari [P.A. Ramachandran and R.V. Chaudhari,
Can. J. Chem. Eng., 58, 412 (1980); Chem. Eng., J., 20, 75 (1980)] have shown
that it is advantageous to define an overall effectiveness for the reactor in such
cases. This is defined as the ratio of the actual rate of chemical reaction per unit
volume of the slurry to the rate that would have prevailed it the liquid phase were in
equilibrium with the inlet gas phase. Following this,

R, . * @ -
i 4 () (100

For reaction of order m

Ry

= (8-102)

Ui

The effectiveness factor defined by equation (8-101) is for the entire reactor and thus,
in principle, takes into account any variation of the concentration of A in the gas
phase along the height of the reactor. To obtain an analytical solution for effective-
ness we eliminate the surface concentration by expressing it in terms of the overall
effectiveness itself. From equations (8-95) and (8-101) we get

A n
= —==1-— -1
ay (A*) o (8-103)
where
M AF
AT Wr(a%)]

Combining equations (8-103) and (8-97), the overall effectiveness factor for an mth-
order reaction in a slurry reactor can be obtained as

1=t
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From equation (8-100) it is clear that the modulus is a function of 4 and, in turn, 4;
is a function of 7. Using equation (8-103), and eliminating 4, from equation (8-100),
we obtain

¢ = (5) {(WH gk (4%)" (1 —£>MI} (8-105)

3 2De OA

Equation (8-105) is an implicit expression for 7, since 7 is a function of ¢, and ¢ also
a function of 7, so a trial procedure is necessary to determine a final value for n. The
overall rate for mth-order kinetics can be obtained from equation (8-102) once a
value of 7 has been determined. This approach, using the overall effectiveness,
incorporates all the transport resistances and thus simplifies the calculation required
to obtain an overall rate of reaction.

For a first-order reaction the problem is less taxing, since

R\ [ poks 1/2
=5 )| -1
(3l o
which is independent of A,. Hence the rate of reaction is
A, 1 1
- () +
A (HA (HAU/ VL)[I - eXp(_O‘AL)] (ksSp)A

. -1
+ Wk [coth(3¢)/¢ — (1/3¢%)] }

Equations for the overall effectiveness factor and the modified Thiele modulus
are shown in Table 8.1 for several types of rate equations (but all dependent upon A
alone). Figure 8.10 gives some idea as to the nature of the overall effectiveness factor
for the first-order case treated above.

(8-107)

8.2.2 Gas Mixing and Semi-Batch Operation

If the gas phase does not move in plug flow, and the gas phase is perfectly mixed for
whatever reason, the mass balance for gas A is

A
v(dy, — A, ) = (KLS) K—g) — A;} (8-108)
i 0 L HA
Solving for A4, , the concentration of A leaving the reactor, gives
A 1
Ay = — 5+ HyA)(1 — —— 8-109
o RR Gl (e=es) (5109

If we compare equation (8-109) with the corresponding balance for plug flow,
equation (8-92), it can be seen that the only difference is that the term exp(—axL)
in (8-92) is replaced by [1/(1 + axL)] in (8-109).

Slurry reactors are also sometimes used in the semi-batch or batch-filling mode,
and we should look at an analysis of this type of operation. These are most often
used in situations where a gas phase is passed through an agitated slurry phase with
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Table 8.1b Overall Rate of Reaction in a Slurry Reactor without Intraparticle Diffusional

Effects
Kinetic model Rate of reaction
Reaction type (mols/gm/s) (Rx mols/cm’/s)
First-order ki A A 1 + L]
! 0 MA Wkl
2 M/i 2Wk2A() 4Wk2AO 12
Second-order k,A 1+ —(1+
2k2W MA MA
ki a)? AA M2\ /2
Half-order ky VA (wk1/2) [(1 + =0 Az) - 1]
2M 4 (wkl/z)
kA M k
Langmuir-Hinselwood A . A { (1 + KpAg + W_l)
[single site] (I + Ka4) 2Ka M, : .
wk AwkKa Ay
{1+ KyAdg+— ] —————
[( o MA> M,
10 . T
L~ Ta =10
e 08 — \
x B
2 ]
g 03 ~w\\
2 0z [ smtea
4
r \Q\Q\
w
- o1 ' Ta=0ty Q\\hx
w SN DA,
” RENNNN
3 NN
= - AN
3 os ™ AN
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N
03
002
o2 o3 (o) 1 2 3 -} 10 20

Pp x
=R p X,y
-3 5]

Figure 8.10 Overall effectiveness factor for a first-order reaction in a slurry reactor. [After
R.V. Chaudari and P.A. Ramachandran, Amer. Inst. Chem. Eng., JiI., 26, 177, with permission
of the American Institute of Chemical Engineers, (1980).]

no net flow of the slurry. Normally, then, we wish to determine the conversion of
liquid-phase reactant B as a function of time. The previous analysis is modified,
because [B] > [A] does not apply here. In the semibatch operation the concentration
of B is changing continuously, just as in any batch reactor (sort of) and simplifying
assumptions about kinetics are not likely to be good.
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Consider a reaction that is first-order in A, and zero-order in B. The batch
time, tp, required for a given conversion, x, of the liquid phase reactant B is

Bl X 1 1
tp=—2 8-11
P vax (MA+7ICWK1) (8-110)

where the effectiveness factor 7, is given by equation (8-98) and ¢ is defined by
equation (8-106).

In a more realistic case we may have the reaction first-order in both A and B,
where the analysis is complicated by the fact that the Thiele modulus becomes a
function of B;, which is changing with time. This complication is tractable, however,
and the final time-conversion relationship is

B,x B, Rp,

g = 8-111
BT VA*M, " 3uA*WD, ( )
where 7 is an integral function defined as
1
dx
I+ 8-112
Jl—x pox'/? coth(gpx'/?) — 1 ( )

In equation (8-111) By, is the initial concentration of B, and 75 is the batch time
required to reach a conversion of x. The quantity ¢, is the Thiele modulus at = 0,
that based on the initial concentration of B

k B 1/2
¢ ZR(%) (8-113)

A plot of I versus (1 — x) convenient for calculation is given in Figure 8.11. For
oo < 0.2, the effectiveness factor 7, approaches unity and equation (8-111) simplifies
to

o B x _ln(l—x)
BT vA*M,  vA*WK,

(8-114)

For a general m, nth order reaction (power-law form) the rate of reaction of B
per unit volume of slurry is obtained from the expression

dB AN
TllzyRA:yWKzn(H—i’> (B)) (8-115)

The effectiveness factor is a function of By, thus numerical solution will be required
to obtain the B; versus ¢ relationship.

8.2.3 Another Approach

The slurry reactor analysis given above employed the concept of an overall effec-
tiveness factor. It is informative to break down the problem into analysis of indivi-
dual phase effectiveness factors assembled together as was done for the three-phase
fluid-bed model. Equating the rates of the individual steps in a manner similar to
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Imegral, /

0.01 0.1 1.0
(1-Xg)

Figure 8.11 Design chart for equation (8-112). Semi-batch slurry reactor with reaction first-
order in both A and B. Parameter is ¢ at r = 0.

equation (8-87) gives,
Rp = (koSp)(Ag — Agr)
= (k1) (A1 — 4y)
= (ksSp)(4) — 4y)
= nkS,A; (8-116)

for our example first-order reaction. We wish to combine all these factors into an
over-all expression that will allow a determining rate via the measurable quantity,
A,, 1.e.

gﬂ 9

(—7a) = Ra = Ko4, (8-117)

Eliminating intermediate concentrations in equation (8-116),

4, 1 1 1\/1 1 I
8 [ 4= S _ — 8-118
R K (nkJrks)(Sp)Jr(k1+kgHA><Sb> (8-118)

where H 4 is the Henry’s law constant. Now, let us define phase effectiveness as

1
R 8-119

1
R 8-120
n 1 + (NDa)l ( )
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where
kl nk
Npa)p = ) Npa) =7
( D )b KgHA ( D )l ks
Substitution in equation (8-118) and rearrangement gives
kS kS
1 + (771 nkSp/nkaSb) 1 + (NDa)O
where
ks,
Npa)g =
(Noa)o Mk 1Sp
Now 1) can be defined as an overall effectiveness
1
= — 8-122
Then, 1y = 1 — 19(Np,),. and dividing by nok,Sj,
(Npa)o Ky (8-123)
_— = N a =
1+ (Npa)o o(Nba)y k1S (8-124)

This 1s about as far as we can go with the individual phase effectiveness; however, it
should suffice if 7, is available from observation and correlations are available for
the mass-transfer and area parameters. This brings us to exactly the same point
addressed in Section 8.14 for fluidized beds. How can we estimate the parameters
involved?

8.24 The Parameters of Slurry Reactor Design

At issue here are the determination of values for the mass-transfer coefficients k,, ki,
and k;, and the interfacial areas S;, and S,,.

Mass transfer between spheres and surrounding fluids has been a topic of
extensive study through the years. The most comprehensive situation is when the
relative velocity between the solid and liquid phases is small, which is approximately
the case in slurries of small particles. The general results are represented by the curve
in Figure 8.12, showing the relationship between the Sherwood number, (kd,/D),
and a Peclet number (gd,f Ap/18ud). The solid curve is given by [P.L.T. Brian and
H.B. Hales, Amer. Inst. Chem. Eng. JI., 15, 419 (1969)]

kyd,\ > d3Ap\ Y3
(ﬁ) :4+1.2(g1é’wp) (8-125)

and the dotted line is that of an asymptotic solution obtained by Levich [V.G.
Levich, Physicochemical Hydrodynamics, Prentice-Hall, Englewood Cliffs, NI,
(1962)].7 This gives us the relationship

kyd
Ngj, = ( D”) =0.997(Np,)""? (8-126)

" In practice, working values of k, appear to be about twice the value that would be computed from this
correlation. ““A miss is as good as a mile.”—Anonymous
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Figure 8.12 Correlation of mass transfer to a single sphere in a liquid for low relative
velocities. [After C.N. Satterfield, Mass Transfer in Heterogeneous Catalysis, with permission
of MIT Press, Cambridge, MA, (1970).]

where Np, (Figure 8.12, x-axis) is

N gdy Ap

pe 18ub
Considerable work has been reported also for the case of bubble-liquid mass
transfer and its associated coefficient k. A general review of much of this was given
by Calderbank [P.H. Calderbank in Mixing, Vol. II (V.W. Uhl and J.B. Gray, eds.),

Academic Press, New York, NY, (1967)], and a correlation reported there has passed
the test of time rather well,

ky(Ng.) /2 = o.42(g“§p) (8-127)
P

where Ny, is for the liquid phase. Equations (8-125) and (8-127), then, provide at

least a good initial estimate for the transport coefficients k, and k. Further detail on

these correlations is given by Satterfield [C.N. Satterfield, Mass Transfer in

Heterogeneous Catalysis, MIT Press, Cambridge, MA, (1970)].
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The quantity k, is sort of the “odd-man-out” in most work on slurry reactors
(and even also for fluid-bed and gas-liquid reactors). If the bubble (gas) phase con-
sists of pure reactant only, then a mass-transfer resistance in a film inside the bubble
loses its meaning and k, drops out of the problem. Even in the case of mixed gas-
phase components, gas phase mass-transfer coefficients are so much larger than their
liquid-phase counterparts that the gas-phase transport rate would seldom be of
importance in determining the overall rate of chemical reaction.

The interfacial areas do not appear explicitly in the correlations of equations
(8-125) and (8-127), but they present another correlation problem in themselves. One
is easy; one is more difficult. The easy one is a,, the interfacial area between the
catalyst particles and the liquid making up the slurry phase. Here, if the particle size
(or average particle size) is known and the weight loading of catalyst is known,

6m
S = — 8-128
P (W%> ( )

where m is the loading (in g cat/volume expanded slurry). The estimate of S, is a little
more tricky. The expression

A%:<%) (8-129)

4

where £ is the gas holdup and d, the bubble diameter, was suggested by both
Carberry [J.J. Carberry, Chemical and Catalytic Reaction Engineering, McGraw-
Hill Book Company, New York, NY, (1976)] and Fan [L-S. Fan, Gas-Liquid-Solid
Fluidization Engineering, Butterworths, Boston, MA, (1989)]. However, this would
appear to change one estimation problem into another, since the holdup (or the
bubble diameter for that matter) may not be known a priori. If the number of
bubbles per volume, N, and the volume per bubble, V', are known, then holdup
can be calculated as shown previously for gas-solid fluidized beds, and d, also
comes from the estimate. Slurry reactors, however, seem to be reluctant to yield to
correlations of S, that have any generality. In Figure 8.13a is a generalized diagram
of interfacial area versus holdup resulting from a correlation of data for both
bubble- and slurry-bubble columns [M. Fukuma, K. Muroyama and A. Yasunishi,
J. Chem. Eng. Japan, 20, 321 (1987)]. These results seem to arrange themselves along
a diagonal, as they are plotted, but with a very generous + range. Note particularly
in this regard that the correlation is given on a log-log plot. Attempts at correlation
of S, versus gas bubble velocity are of about the same dubious quality (as per
Figure 8.13b).

The high and low ranges of results shown in Figure 8.13b are the result of
special circumstances and can be ignored in non-foaming systems that do not have
high catalyst loadings. Then, once again, we have a diagonal portion of the figure
reporting S, with a generous £+ variation. Aside from the graphical correlation,
Chang et al. [S.K. Chang, Y. Kang and S.D. Kim, J. Chem. Eng. Japan, 19, 524
(1986)] reported more quantitative results.

Sp = (2.08 x 10%)(11,)"™ () "% ()" (8-130)
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Figure 8.13 (a) Correlation of interfacial area (gas-liquid) with holdup in slurry bubble
columns. [After M. Fukuma, K. Muroyama and A. Yashnishi, J. Chem. Eng. Japan, 20,
321, with permission of the Japanese Society of Chemical Engineers, (1987).]

and
kISb — (1597)(ug)0‘68(u1)0'63(dp)1‘12 (8-131)

where the numerical values given are consistent with SI units, m, (m?/m?), and (mol/

S).

If we substitute the parameter correlations of equations (8-125), (8-127), (8-128),
and (8-129) into the expression for the overall rate constant, K, given by equation
(8-118), then

1 < Pplly )(l) LG (8-132)

Ky 6mnk ) \ m 6npkih

Recalling that K; ' (as defined) is equal to the ratio of the observed global rate
of reaction to the exit concentration of reactant in the gas phase, then a series of
experiments in which rate is measured as a function of catalyst loading, m, can yield
information on the magnitude of various parameters (or groups of parameters).
Then plots of (1/R,) versus (1/m) should be straight lines (always a fervent
hope), with a slope of (p,d,/6mmk) and intercept (dj/6myk ). We must keep in
mind that the graphical correlation of equations (8-130) and (8-131) are based on
data from slurry bubble-columns and should be used gingerly for reactors of other
geometry.®

8 «“We know to tell many fictions like to truths.”—Hesiod
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Figure 8.13 (b) Correlation of interfacial area (gas-liquid) with bubble velocity in slurry
bubble columns. 1. Deckwer et al. (1980); CO-paraffin-alumina slurry. 2. Sakai and Ohi
(1977); Hydrogen-methylstyrene-Pd black slurry. 3. Quicker et al., (1984); Air-sulfite-activated
carbon slurry. 4. Sada et al., (1987); Sulfite-alumina slurry. 5. Capuder and Koloni (1984);
CO,-calcium hydroxide slurry. 6. Sada et al. (1987); water. 7. Godbole et al. (1983); Air-sulfite-
polystyrene slurry. 8. Fukuma et al. (1987); Air-water-glass beads slurry. Citations from [L-S.
Fan, Gas-Liquid-Solid Fluidization Engineering, Butterworths, Boston, MA (1989).]

lllustration 8.3°

An unsaturated hydrocarbon oil is to be hydrogenated at 316 °C and 54.5 atm using
a slurry reactor with a catalyst loading of 8 g-cat per liter of oil. Assuming that the
oil can be maintained at hydrogen saturation what space velocity would be required
if the reaction consumes 89 m® (15°C, 1 atm) per m® liquid feed? We may assume
that the catalyst is very active and that the overall rate of hydrogenation is controlled
by the rate of mass transfer of hydrogen from the liquid phase to the catalyst particle
surfaces. Data:

Mol. wt. Oil =170

Specific gravity = 0.51 at 316°C

Viscosity = 0.07 cP

H = Henry’s law coefficient = 5.0 (mol fraction in gas/mol fraction in liquid)
D = Hydrogen in oil at 316°C = 5 x 10~ cm?/s

d, (spherical) = 0.001 cm

pp =30 g/cm’

?[After C.N. Satterfield, Mass Transfer in Heterogeneous Catalysis, with permission of MIT Press,
Cambridge, MA, (1970).]



Multiphase Reactors 607

Solution
We will consider, as an estimate from the given data, that the catalyst particles can
be considered as small spheres in the limit of Stoke’s settling law, where

dygAp  (0.001)°(981)(3.0 — 0.51)

Np, = = = 0.39
P 18ud  (18)(0.0007)(5 x 10°4)

The corresponding Ng;, from Figure 8.12 is about 2.0. Now, since this is a value
based on the terminal settling velocity of small spheres in liquids, it has been shown
to give values that are low compared to practical situations where turbulence arising
from various factors may exist. Harriott [P. Harriott, Amer. Inst. Chem. Eng. J., 8,
93 (1962)] suggested that actual k, values might range from 2 to 4 times those
estimated from the figure [or from equation (8-125)]. Thus, we estimate k, for this
case as

L _ @6 x 107
T 0.001

The particle surface area is estimated from equation (8-125) as

6m  (6)(8.0x 107°) 53
S, = = =16 cm”/cm” slurr
» = pd;  (3)(0.001) / 4

=2cm/s

The hydrogen concentration in the oil (pure hydrogen in the gas phase) is (1.0/5.0) =
0.2mol fraction, and for this concentration the average molecular weight of the
liquid phase is 136. Assuming that the specific gravity of the saturated oil is some-
what lower than that of the pure material, say 0.15, then the hydrogen concentration
in the liquid phase is about 0.00066 gmol/cm?. Then

Hydrogen transfer = (2)(16)(1000)(0.00066) = 21.2 gm

This gives a (LHSV) liquid hourly space velocity requirement for the feed as

(21.2)(22.4)(288)(3600))
(89)(273)

LHSV =

or
LHSV = 20,200 m®/h-m’

What happens if some things were changed around, such as hydrogen consumption,
or if the rate constant (poor catalyst), was much lower?

Let’s try to develop a profile on the case above.
What happens, in addition to the problem state-
ment, if

a) The reaction consumes 40 m’/m’ of feed?
b) The reaction consumes 120 m’/m* feed?

All the other assumptions used in the Illustration
are valid.

HORATIO SAYS
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8.3 Gas-Liquid Reactors

At first glance gas-liquid reactors might appear to be easier to analyze than slurry
reactors since they both involve gas and liquid phases, but the solid phase is not
present in the former. On the other hand, the fluid mechanics and transport behavior
have been investigated in more detail in gas-liquid systems than in gas-liquid-solid
systems, so it is possible to include a little more detail in analysis if desired. The
analysis and design equations can also be applied to liquid-liquid systems, as
described below.

In Chapter 7 we discussed the basics of the theory concerned with the influence
of diffusion on gas-liquid reactions via the Hatta theory for first-order irreversible
reactions, the case for rapid second-order reactions, and the generalization of the
second-order theory by Van Krevelen and Hofitjzer. Those results were presented in
terms of classical two-film theory, employing an ‘“‘enhancement factor” to account
for reaction effects on diffusion via a simple multiple of the mass-transfer coefficient
in the absence of reaction. By and large this approach will be continued here how-
ever, alternative and more descriptive mass transfer theories such as the penetration
model of Higbie and the surface-renewal theory of Danckwerts merit some attention
as was done in Chapter 7.

Gas-liquid reactions are most often conducted in stirred-tank systems with flow
of both gas and liquid through the reactors, or in bubble columns, or in packed
columns—with countercurrent flow typical in the last two. For the most part the
analysis given is independent of the specific configuration of the reactor (bubbles are
still with us and still important in design), but correlations for transport coefficients
may vary with the individual reactor and type of operation.

8.31 Diffusion and Reaction Considerations

If we return to the Hatta picture of reaction and diffusion, recall that reaction and
diffusion occur only in the film. Reaction also occurs in the bulk liquid phase, of
course, but there the concentration of reactants as a function of position is deter-
mined by the nature of mixing in that phase. Let us reformulate the problem so that
the fraction of liquid phase occupied by the film, «, is defined explicitly. If L is film
thickness and S; interfacial area, then

a=(V/S,L) (8-133)

where V' is the total liquid volume per volume of reactor. For diffusion and reaction
in the film we have

d*f

55:¢7‘ (8-134)

where the boundary conditions are
y=0  f=1

. Y ]
y=1 =g (8-135)
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A 1
f= (A_o); y= (Z)’ B = constant

and

with k; the mass-transfer coefficient in the absence of reaction. The diffusional
modulus, ¢ is a first cousin of the g, defined in Chapter 7, but the boundary
condition at y =1 differs. The solution of equation (8-134) with the boundary
conditions of (8-135) is

_cosh[p(1 — )] + ¢(a — 1) sinh[(¢(1 — y)]
cosh ¢ + ¢(a — 1) sinh ¢

f (8-136)

For the flux, mols/area-time,

() (3) () By oo

(—Ra) = ki 4y (8-138)

where k, is the mass-transfer coefficient in the presence of reaction. The enhancement
factor, A, defined by this result is

_ ko [(¢(a— 1) + tanh ¢ }

)\_klo_ a—1)ptanh ¢ + 1

(8-139)

We may also define a phase utilization factor as the ratio of observed rate to the
intrinsic rate (kBAyV/S;)

n— ¢(a— 1) +tanh ¢

~ ag[(a— 1)¢tanh ¢ + 1] (8-140)

Limiting cases of this analysis turn out similarly to those identified in Chapter 7, so
that

1. kB is large

1
anho— 15 (k/k)=d  n— (5)

ky = VkBD : reaction within the film

2. kB is small
ki a¢’
LI 8-141
(kl(, ) ag? — > + 1 ( )
1
n= (8-142)

a¢? — ¢* + 1
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The analysis for kB small may further be divided into two situations.
(a) ¢ is small and a¢? large

k
(ﬁ) — 1; ky — ki,

1
agzﬁz

(b) ¢ is small and ag® small

k
(H) <!

n—1

77—)

Note that in this case the reaction occurs throughout the liquid phase and
the rate is determined by the intrinsic kinetics of the chemical reaction.

The results obtained in equations (8-136) to (8-142) assume constant B, i.e., the
reaction is pseudo-first-order in A. Another limiting case that yields to analytical
solution is that in which the rate of reaction is very rapid and the reaction occurs
wholly within the film. Here we consider the reaction A +vB — P to occur very
rapidly compared to mass-transfer/diffusion rates. The profiles look as in Figure
7.17b, and the overall flux and enhancement factor are given by

(—Rp) = k1 AgHy (8-143)

where Hy is Henry’s law constant and A4, is the concentration of reactant in the gas
phase. The enhancement factor is

() (%)

For the intermediate region encompassed by a finite reaction rate, in between
equations (8-139) and (7-82) we have the solution of Van Krevelen and Hoftijzer
[D.W. Van Krevelen and P.J. Hoftijzer, Rec. Trav. Chim., 67, 563 (1984)] given in
Chapter 7 by equation (7-83) and Figure 7.18.

We can summarize the major results of this section in terms of the three
enhancement factor equations—(8-139), (7-82) and (7-83) for the pseudo-first-order
reaction, the infinitely rapid second-order reaction, and the true second-order reaction,
respectively. Via A all mass-transfer coefficients under reaction conditions can be
expressed in terms of their pure mass-transfer relatives, so correlations developed
for the mass-transfer coefficient k;, can be used for estimation of k;. These three
cases probably constitute the large majority of gas-liquid reactions one is likely to
encounter. Some additional cases are discussed by Fromont and Bischoff [G.F.
Froment and K.B. Bischoff, Chemical Reactor Analysis and Design, 2 ed., John
Wiley and Sons, New York, NY (1990)].

8.3.2 Overall Analysis for Batch or Counter-Current Contactors

Here we consider a batch case with a reaction, first-order irreversible once again,
with the reaction A — B occurring in the liquid phase. The components of the liquid
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phase are considered to be nonvolatile.'” For the mass-transfer rate we have the
normal film theory expression overall

Np =k S(4* — 4)) (8-144)
with 4* = H A,. Individual balances in gas and liquid phases are

dA,

- V ( d[ ) :kISI(HAAg—A])V (8-145)

dA,

- V] 7 :kA]V] —k1S1<HAAg—A1)V (8-146)
where V is the reactor total volume. Combination of the two individual mass balance
gives,

Ve \ d°4, kv, dA,
H g kHx A, =0 8-147

(Vlel) d12+< A Yes T ) o (8-147)
with solution of the general form

Ag = Glem[ + Gzepzl (8-148)
and
Vepi Vep2
A =G| H £ PGy H & P2t 8-149
! 1( A+VkS1>e * ( A+VkS1)e (8-149)
From the initial conditions of the system,

G+ Gy, = Ay, (8-150)
and

G| Ha + Ve + Gy | Hy + -5 Ve = A (8-151)

AT Vs, P 2\ TAT Y, s, P2 ) T )

For B, assuming equimolal reaction with A, we have from stoichiometry

By = (4, —Ag)(%) +(4y, — 4)) (8-152)

Now, for nonvolatile reactant B, B, = 0. If we are dealing with a liquid-liquid
system, however, another balance can be written for B (assuming here and above
that BlO = 0)

v, d*B, v, dB,
Hy) =L =k4 8-153
[V(lel)B] az T\ ) 2 (8-153)

where 1 and 2 refer to the two liquid phases involved. Thus,

B, = Hy+ He” + A" + Aye™! (8-154)

19 The analysis here is sufficiently general that it can be applied to liquid-liquid reactions as well, with only
minor modifications [See P. Trambouze, M.T. Trambouze and E.L. Piret, Am. Soc. Chem. Eng. Jl., 7, 138
(1961).]
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where
kiS))AV]
Vi/V>) + Hg|

kiSi)aV]
Vi/V>) + Hg|

A = kG\[Hx + p1Vy/
pilpiVi/ (ki Sy)gV +
. kGy[Hp + p1Vy/
pilpi Vi /(kySy)gV +

and

1%
B2:HBH0+H1[ i +HB}e‘”+A1{V
B

Vipr :|ep1l
V(KSy)

(kiS1)g + Hg

Vipa ] ¢
4+ A4 P2 &-155
2|:V(k1S1)B+HB ¢ ( )

The constants H, and H; are also determined from initial conditions. For p; and p,
we start with (8-147) again, now in operator notation

(AD* + ND + R)4, =0

Then,
D —N +VN?*—44R
N 24

where A, N and R are identified with the corresponding coefficient terms in equation
(8-147). Thus, 4 = V,/V (k;S}) 4, and so on. The result is,

—[HA + KV /VES))a + (V1] V3)
2V [V (kiSi)a

P1,P2 =

{[Ha + KV )V (ki S)p + (Vi) V)] — AHA (k1 S) AV V (k1 S1)g}

+
2V [V (kiSi)a

This analysis gives the general result for a batch reaction (both phases) for either gas-
liquid or liquid-liquid reactions—in the latter case for reactant B distributed between
both phases (but reaction in phase 2 only). Determination of the constants (G and H)
is left as an algebraic exercise for those with sufficient patience.

For the case of a countercurrent contactor, we envision the arrangement as
shown in Figure 8.14. We will consider that both phases are in plug flow, and
again we have the irreversible reaction that occurs in phase 2. Since we have the
possibility of either gas-liquid or liquid-liquid reaction, we will just number the
phases 1 and 2. Now, over dy, we can write the mass balances as

d(FyA,) — Kx(A5 — 45)S.dy = kA,S, edy (8-157)
where S, is a contact area defined such that €S.dy = dV,. The equilibrium will be

A% = apAd; + Ba
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Figure 8.14 A countercurrent reactor; gas-liquid or liquid-liquid.

This is a linear relationship, but more complex than Henry’s law, so

F, [dA
Fi (d—yl> —KAﬂA+KAA2—KAOéAA1 =0 (8-158)
and
F, (dA
—Fi (d_yz) + KAﬂA — KAQAAI — kEAZ = O (8-159)

where k is the rate constant for the first-order reaction, here assuming pseudo-first
order in the transferred component A. Combining by eliminating 4,

F1F2 d2A2 1 Fl kC dA2
— | —(1+— ) - F| ——ked, =0 8-160
<KAS<2’aA) dy* " Se Loa * Ka 2| ay T ( )

SO
Ar = G’ + G,Ge™

This really gets a lot worse, but since an analytical solution in terms of the reactor/
reaction parameters is available, one can’t dodge it. For the exponential constants
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p1, and p, we have

_ B (ke L !
prop2= ap Ka >\ 2F\F,/KS.n

F k 2 keFF, )7
e (56) 7 )
L o K Kaap

(2F\F,/KpS )

The concentration 4; may be evaluated from equation (8-156), similarly indigestible
but unavoidable,

Fz KA +k6 , F2 KA +k€ )
A =G P1Y G P2y
Ba + a1 A, 1<KASC'01+ Kx )e + 2<KAS0p2+ Kr e

(8-161)
Similarly for B; and B,

BZ = HO + Hlegy + Alepzy + Azepzy (8-162)
where
S.K F
o= ¢ BB Fy — I
F\F, ap
D 2k€G1 + F1p1 — SCKBOZB
1 pu—
P1 (F\F>pi/S.) + FiKg — F,Kpag
2k€G2 F1 ,02 — SCKBaB
D2 —

+
P2 (FiFyp2/S.) + F1 Ky — F;Kpog

and

1 F20' s szl
Bi=— |Hy— g+ H 1)e” +D 1)en
| aB[ 0t ‘(SCKB+ )e * 1<SCKB+ ¢

Frpr , 2ke : :
+D +1 | —— (G’ + Gye™ 8-163
(52 (G + Goe™) (8-163)
As for the batch case, H, and H; are determined from the feed compositions. In
these analyses, whenever we can write two mass balances with only the first deriva-
tive of concentration, they may be combined into a single second-order equation for
one concentration.

8.3.3 Another Approach

The basic equations for these gas-liquid reactors are, to start with, not terribly
complicated or difficult to understand conceptually, but the analysis of the section
above shows that we are left with cumbersome solutions with many terms—enough
so that one might reasonably feel somewhat uncomfortable working with them.
Another way to approach the topic of gas-liquid reactor design is just to state
the basic phase balances in very general form, and then simplify according to the
particular situation. A possible drawback is that there is a seemingly endless number
of these individual situations, e.g., is there plug flow or CSTR behavior (in one or
both phases), is bubble size constant, is the equilibrium according to Henry’s law,
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and so on. We seek some reasonable classification scheme to order these various
possibilities. One such scheme is to divide the treatment into analysis of systems
either involving gas-liquid “‘tank-type” reactors or systems involving ‘“‘tubular’ reac-
tors (normally vertical, but not always), and then proceed with subdivisions in the
pertinent area. This approach was established by Russell et al. [R.W. Schaftlein and
T.W.F. Russell, Ind. Eng. Chem., 60, 12 (1968); P.T. Cichy, J.S. Ultman and T.-W.F
Russell, Ind. Eng. Chem., 61, 6 (1969)] and will be followed.

Tank-type reactors

These are generally classified as either CSTRs, semiflow batch reactors (SFBR),
or plain batch reactors, which we treated in the previous section. If the reactor is
well-mixed, the liquid-phase mass balance is the same general form for all. For
component J,

H d
vC, —vC; + Kga' PVyNV |, (yj -G —) — V= = (VLC)) (8-164)

where a’ is the ratio of surface area to single bubble volume ()), V', the volume of a
single bubble ()\3), N the number of bubbles per unit volume of liquid, r; the rate of
reaction for component j, V'; volume of the liquid phase, and v is the volumetric flow
rate of the liquid phase.

One can see immediately that this approach will be a little more detailed than
the previous section, since the bubble mechanics are contained in the basic material
balance. Various simplifications of equation (8-164) are possible according to the
reactor type by deleting terms; for a steady-state CSTR the time derivative is zero,
for a batch reactor the flow rate terms are zero, etc. For the gas phase the situation is
complicated by the fact that the configuration (and concentration) of bubbles can be
a function of both time and position; that is, the total mass of j in a given bubble,
(PV4y;/RT), can depend on both position z and time ¢.

If the bubbles are passed through the liquid phase in the absence of mechanical
agitation it is possible to approach plug flow behavior, and the gas (bubble) mass
balance is

H o ( PV, o ([ PV

where H is Henry’s law constant and v, is the bubble velocity. If there is mechanical
agitation, or other factors that promote mixing in the liquid phase, then the well-
mixed bubble mass balance is

H d Py;
Glyoj - Gzy_/' - KGQVLP<y/ - C/ F) = E |:<NVLVb) (R—Yj,)} (8-166)

with G, G, the molar gas flow into and out of the reactor, al/; the total area for
mass transfer, NV V, the total gas volume, and « the mass-transfer area per unit
volume of continuous phase. From the above we can also define the average liquid
residence time,

tL = VL/'U
and the total surface area per volume of liquid

a=aV,N



616 Chapter 8

Gas Out
- » i Liquid In
‘__:j ————
Yo v O,O.\“ Ou T
S0 © s~ ¢ o
~ N v [
(00 ©39090°
3 BRI VR IO 1L
— . ‘ ~
V5 0o o e
0, L0 Tel0 oyl
S L0 o ‘;\O/
DO v Y \J\b o
4 AT 4 \
Gas In -
Liquid out

Figure 8.15 A CFTR with plug-flow gas and well-mixed liquid phases.

Now, on the basis of equations (8-164) to (8-166) we can break down the
analysis into simplified forms that apply to very specific situations. The most obvious
place to start is with the continuous flow case with both gas and liquid passing
through the reactor [termed continuous flow tank reactors (CFTR) by Russell
et al.], as shown in Figure 8.15. Let us look at some of the specific situations.

Plug-flow gas and well-mixed liquid CFTR. From the general balance of equa-
tions (8-164) and (8-165), for the gas phase in steady state

H d [PV,
—K-~a'P _C. =) v — | =2y = -1
Gaa Vb<yj C; P) U o <RT yj> 0 (8-167)
and for the liquid phase
i ~ H
UCoj—UCj+KGCl PVbNVL y]—C]F —V]VL =0 (8-168)

where the overlined quantities represent suitable average values for the liquid phase.
The gas-phase concentration is a function of position if the gas feed is not composed
of pure reactant, so averages such as

Vi = <%) JLyj(Z) dz (8-169)

0

must be computed in the most general case.

Now we have written the balance in some detail as to the properties and
behavior of the gas (bubble) phase, so we must establish further subclassifications
according to this. Consider V), constant, which will be true if y; is small or mass
transfer is slow. In this case @’ and ¥V, are both constant, and equation (8-167) can be
integrated directly as

H H
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and from equation (8-169)

~ l—e™" H 1 —e"
o[ (1) (1) s

with n = (Kga'RTL/v,). For the liquid-phase concentration, the best we can do is an
implicit equation for C; obtained by substituting y; in equation (8-168),

H PV,NV, v, Kca'RTL
6=y =0 (5)] (Famt ™) [ oo (50T

- V./(ﬁ> (8-172)

(%

Another important case is that for V, = constant but y; = 1 (pure gas phase). Here
the bubble volume changes because of the transfer of reactant into the liquid (reac-
tion) phase, and both ¢’ and V), are functions of position. We have to have some
detail on the bubbles. If it is assumed that all bubbles are spherical, then

S = (6)373 = 484
I (8-173)
- b

where S is a bubble shape factor. An expression for the bubble rise velocity,
borrowed from Davidson and Harrison, is

vy = W,/ (8-174)
with
W = (0.711)g"*(6/)"/¢

The gas-phase balance can now be integrated to give us V), as a function of z

2
_[.ip KgRTS H
Vb(Z) = {Vob — W 1 — C/ ? z (8-175)
and
_ L*F?
Vy= Vo, + < T VéfLF) (8-176)
KGRTS H
F = 1-C;| — 8-177
e [1-9(%) @17

and from equation (8-173)
a =sv)’ (8-178)

Again we obtain an implicit equation for C;, this time in terms of a’ and V,,

_ 1% H v
Cj:Co_ijKGa_’VbNP(?L)[I—C]-(F>} —rj(TL) (8-179)

Keep in mind for later calculation via equations (8-172) and (8-179) that all the odds
and ends are still not tidied up, because we still need numbers for quantities such as
Vo, and N.

b
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The most general case is for CFTRs in which V), # constant and y; # 1. The
overall gas-phase balance is now

H d [PV
_KGCl/PVb |:y]_ CJ(F>:| — Uy E (R—Yf) =0

which we can rewrite as

s3] 25 () -

This equation requires expressions for a’ and v, as related to y; in order to be solved.
The path to solution is sort of convoluted: a’ and v, are functions of V,, as shown in
equations (8-173) and (8-174). Then we can obtain a’ and v, via

[ (4) 2
a) Yoj dVb (1 - yl) /

and V, is related to y; via

1 — Voj
J

Step by step, then, with ¢’ and v, as functions of »j» equation (8-180b) can be
integrated and y; determined. The value of V), is then obtained from the overall
mass balance using y; as obtained from (8-180b). With V, known, then @’ can be
determined.

Well-mixed gas and liquid phases in the CFTR. In this case, under steady-state
conditions, there is no variation of concentration with position. Although it is
possible to obtain some degree of mixing in the gas phase through bubble motion
alone, normally tank-type reactors fitting this description are agitated via externally
powered impellers of various designs. The following were obtained directly from
equations (8-164) and (8-166). For the gas,

H
Glyoj—Gzy_/—KGaVLP{yj—Ci(;)} =0 (8-181)

and for the liquid,

(%)(c(,j—cj)+l<cap[yj—q(%)] —r=0 (8-182)

These form an algebraic pair, and the overall two-phase model is obtained by deter-
mining y; from equation (8-181) and substituting it into (8-182).

The second important configuration is that of the semiflow batch reactor
(SFBR ), in which the liquid phase is contained and only the gas flows through. This
is also envisioned in Figure 8.15, but with no liquid flow. Again, we will take the liquid
phase to be well-mixed, with limiting gas-phase behavior either plug flow or well mixed.

Plug-flow gas, well-mixed liquid SFBR. Here, from the general phase balance,
for the gas

H d [PV,
KGCZ/PV;) |:y]— C](?)] + vy, E (R—Yf) y]) =0 (8-183)



Multiphase Reactors 619

and for the liquid,
/ _ H d

An important point in analysis is that even though the batch liquid-phase concen-
tration is time dependent, this is not important if changes (within one bubble rise-
time in the reactor) are small compared to changes with respect to position. For
V}, = constant and first-order reaction in the liquid phase, we first obtain y; as in
equation (8-169) to (8-171). For the liquid phase the balance is

dC;

7; = —C;(HKga'VyN + k) + Kga' PV,Ny; (8-185)
Substituting for y; and simplifying gives

dcC;

7[Urklcj =k, (8-186)

k

C = (1??) +(Cyj — ko fley)e ™™ (8-187)

where

ki =k+ (1 —e™)HV,Nv,/RTL
k2 = y()](l — ein) VbNUbP/RTL

and k is the reaction rate constant.

For V), # constant but y; = I, the general equations yield, for the gas phase,
equation (8-183) again, and for variable bubble volume equations (8-176) to (8-178)
again. Substituting into the liquid-phase model, (8-184), gives

dC; . .

7; = —C;,(HKga'VyN + k) + Kga'V,NP (8-188)
Solution of this set of equations is best accomplished numerically. Horatio may ask a
question about this later.

Well-mixed gas, well-mixed liquid SFBR. In this case the concentrations are
spatially invariant, but do depend on time because of the batch liquid phase. For
the gas

H

and for the liquid,
H dcC;

Here the gas-phase equation may be solved for y;; this is substituted into the liquid-
phase equation which can then be integrated to obtain C;(z). The results are of the
same form as equations (8-187a) end (8-187b).

Tubular or Column Reactors
The approach to analysis of reactors of this type depends to a large extent on the
nature of the flow patterns. (Is this news?) In bubble-column reactors, which are of
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primary interest, such patterns can be described in a way similar to those used for
fluidized beds. A general description would include the following:

1. Dispersed flow. Liquid flows as individual droplets in a high-velocity
turbulent gas stream.

2. Annular-flow. Liquid flows as a thin film around the inner surface of the
column. The film thickness is not usually a function of position within the
column, but the gas-liquid interface is not smooth.

3. Slug flow. Here we have alternating flows of gas and liquid slugs that are of
the same size as the column diameter.

4. Bubble flow. The gas travels in discrete volumes with a distribution of sizes
and shapes, ranging from single bubbles moving separately to bubble
swarms or clouds.

An analysis of flow patterns in vertical countercurrent contactors was reported by
Govier et al. [G. Govier, B.A. Rodford, and J.S.C. Dunn, Can. J. Chem. Eng., 38, 58
(1957)] and a generalized flow regime chart based on their findings is given in
Figure 8.16.

In fact, the flow patterns are even more complex than appear in the figure.
Russell and co-workers identified no less than 26 regions of flow behavior, including
both horizontal and vertical configurations [P.T Cichy, J.B. Ultman, and T.W.F.
Russell, Ind. Eng. Chem., 61, 6 (1968)]. The most basic divisions, as far as reactor
modeling is concerned, are those systems in which both gas and liquid phases are
continuous versus those in which the two phases are discrete. Those are treated
accordingly below.

10°®

10 ={=

(G/A)

-] SLUG
103 .
BUBBLE
//
102 ——
1.0 10 100 1000 100000
(L/G)AY

Figure 8.16 Govier chart for bubble-liquid flow in vertical columns. \ = (p;/0.075)
(pr/62.3)%; b = (73 /7)) [1r.(63.2/p1 )] /3. [O. Baker, Oil Gas JI., 56, 256 (1958).]
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Figure 8.17 A two-phase mass transfer model for gas-liquid reactors.

When the two phases may be considered as continuous, we can envision the
transport and reaction process as shown in Figure 8.17. This two-phase model, as
written for a length, dz, and a column cross sectional area, 4., comprises both the
familiar term for interphase transfer plus the addition of mass transfer from the gas
phase to entrained liquid droplets, given by (/,C;/py) and (1,C,;/p,) to account
for convective transport to and from the droplets. The quantity 7, is the rate of
deposition of the dispersed droplet phase on the liquid film (m/tz) and [, is a
corresponding rate of entrainment from the liquid phase into droplets. The very
general mass balances below will consider both types of mass transfer, will
also consider the possibility of reaction in both gas and liquid phases, and will
include a dispersion factor to model deviations from actual plug flow if necessary.
Now this is a little like diving off the 10 meter board, but here we go with the
continuous gas-phase balance.

d (PyRGA.\ 9 [UPyRGA, H
@<—ﬁfﬁ—‘&<—77—"&“f%‘@'ﬁ

0 PRGACDG ay]
0z ( RT 0z "6RoA.
C,H
— (KGa)’ACP[yj — ( ”;) )} (8-191)

where Ry is the liquid-phase holdup and R; = (1 — Ry), r¢ is the gas-phase rate of
reaction in mols/time-volume, and C,; is the average concentration of species jin the
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entrained liquid phase. The two mass-transfer coefficients (Kg;a)' and Kga are
included to account for differences between direct transfer from the gas phase and
transfer via dispersed droplets. Now, continuing with the liquid-phase balance,

0 o H

—Q(ACRLDL %> —rLRLAC—ﬂ—i—ﬁ (8-192)
Oz 0z Po Pd

The dispersion coefficients D; and D; are included to account for deviations from
plug flow in both gas and liquid phases, as mentioned above. Equations (8-191) and
(8-192) include all possibilities (or at least as many as we are willing to consider at
this point), so we can now look at individual cases of interest by chipping away the
particular parts that do not apply.

Continuous fluid phases with a well-defined interface. This case, not particularly
the most important, is nonetheless convenient to start with since the interface
between phases formed by vertical annular flow without droplets gives us an area
for mass transport that is easy to determine.'!

Other important assumptions for this example consist of operation in the
steady state, liquid holdup constant (or represented by an appropriate average
value), reaction in the liquid phase only, first-order irreversible kinetics (yet
again), constant temperature and total pressure, and H independent of concentra-
tion. These assumptions allow some considerable simplifications to the general
balance equations given above. First, we will define gas and liquid flow rates as

PR A
G = ;T‘Ub, g= R, A
For the gas phase,
d H RGAD:P [ d*y;
- (Gy)) = —KGaAL.P{yj —~ cj<?)} - RTG ( dzé’) (8-193)

and for the liquid phase,

dcC. d*C;
Cl<d—zj) = KGaAcP[J’j - CJ(%)] - AcRLDL(?zj) —kRpA.C; (8-194)

In addition, we can write an overall gas-phase balance

()l

in the event that there are significant changes in the gas flow rate through the
contactor.

This model bears a familial resemblance to some that were discussed earlier in
this chapter. When the dispersion terms are discarded and appropriate changes in the
names and significance of some of the parameters are recognized, then we end up
basically at the Davidson-Harrison model for fluidized beds.

"'We deviate from the wise advice to “do the most important thing first ...” to “do the easiest thing
first ...”
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The first consideration is the very general one where both the gas-phase flow
rate, G, and the solute concentration, C;, are functions of axial position, but plug
flow prevails. This is roughly the situation when the solute is transferred from a
concentrated gas stream. The following governing equations can be written.

Gas phase
G(z) [(dy\ _ H
Liquid phase
dcC;
where

G(z) = Gy — JO KGaACP{yj ~ c,(%)] iz

After evaluation of G(z), the concentration profile can be obtained using a procedure
similar to that suggested for equations (8-180a) md (8-180b).

When dispersion is not important and G is constant, we have a much simpler
situation.

(%) -2 -o(3)

dCJ KGCZACP G H kRLACC/
—J -7 © — .| — _— 7 -1
(&) -5 (O)b-a(3)] - (5159

This can be solved directly for the liquid concentration profile,

1—r KsaA P 1-— KsaA,P
Cj(z):Co{gexp(— Chisis rlz) (=) exp(— Ga% rzz)}

(ra—r1) G () G
0 () oo (55|
_ (ﬁ) exp (— KG‘Z““‘P wz)} (8-200)
where
—r = (%)[—(1+ﬂ+a)+(1+2ﬁ+62+2a—2aﬂ+a2)”2]
= (%)[—(1+ﬂ+a)—(1—1—2ﬁ+52+2a—2a5+a2)1/2]
where
Pq kR;
*=0r0’ P Kean



624 Chapter 8

When dispersion is not important and there is a pure gas phase, then

)’jzl

C; = Cyexp {— (%)(HKGCZ —|—kRL)z}

KGaP AL’
LGS S (2 2201
HKoa 1 kR, { exp [ ( . )( Kga + kRL)Z:| } (8-201)

One continuous and one discrete fluid phase. Most often this will be a discrete
(bubble) phase and a continuous liquid phase. The simplifying assumptions made
above will be retained for this case as well. For the general model equations (8-191)
and (8-192), with negligible dispersion and constant bubble size and velocity in the
gas phase,

dy; Kca'RT H
L =——— |y, - C;| — 8-202
( dZ ) T)b y] J P ( )
where v, is the average velocity of bubble phase rise. For the liquid phase,
dC] NB VDGKGCZ/ACP H kRLAc
JR— — . — . JR— —_ . -2
( dz ) q =G P q < (8-203)

with N the number of bubbles per reactor volume, Vp; the volume of bubble, and
Kga' the mass-transfer coefficient based upon the area per unit volume (a') of
discrete phase.

Finally, assuming no dispersion and pure gas phase,

dC] NBACKGa ,P H kRLAc
4 -2 ¢ 7 = . C.| = — . 204
( dz ) q =9\ P P (8-204)

with initial conditions for both (8-203) and (8-204) of C, at z = 0.

Well, the idea was to try to simplify some of the equations we started with, but
the temptation was too much, and we included all the bubble interactions. The
equations become large; so much for that good intention.'?

Now, our quest for knowledge concerning gas-liquid reactors, if we look at it,
began with equation (8-164); so we should feel nearly saturated at this point. In fact,
though, there are many other cases considered in the work of Russell et al., that may
be of use in certain applications. We have taken what might be considered the most
important, or most frequently encountered for presentation. As in the case for fluid-
bed or slurry reactors, we must now determine where the many parameters appearing
in the reactor equations for gas-liquid systems originated. But first, an example.

Illustration 8.4

Consider the batch liquid-liquid contractor illustrated below, in which the two
largely nonmiscible phases are agitated sufficiently to be homogeneous in concentra-
tion, but not sufficiently to disperse one of the phases into the other. (We note that
this is a liquid-liquid reactor, not gas-liquid, but the flexibility of the gas-liquid
theory will be seen here. Some of the correlations may be different.)

12 “The road to Hell is paved with good intentions.”—W. J. Butt
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Vo o ORGANIC

Vo op AQUEOUS

An example of this type of reactor/reaction would be
I
R—C—R + NaOH — Salt + R
that is,
B+ C — D + E (in the aqueous phase)

The mass transfer occurs from the organic to the aqueous phase only, and it may be
assumed that V), and V,, do not change as the reaction progresses. We define the
concentration the organic of reactant as A in the organic phase and B in the aqueous
(reaction) phase.

Determine the concentrations B(¢) and D(¢) in the aqueous phase. The inter-
facial equilibrium is given by a distribution coefficient K, where 4; = KB;. The over-
all mass-transfer coefficient is KpS, and the reaction rate constant is k.

Solution

It is reasonable to assume that the concentration of B in the reaction phase is < than
that of C, hence k is a pseudo-first-order rate constant. We may also assume that C,
D and E are not transferred into the organic phase to any extent. The pertinent
balance equations are then,

—V, (‘z—f) = KpS(A — KB) (i)
nd
a v, (”;—lf) = KpS(4 — KB) — kV,B (ii)

Now, if we look at the second derivative of B,

d*B [ KpS dA dB dB
= (o)) -+ ()] -+(%) w
Substitution of (dA4/dt) from equation (i) into (iii) and rearranging gives

d*B dB .
W:M<E>+NB:O (iv)
with
KpS K, SK K, Sk
M p— — M pr—
( Vo T Va )’ N Vo
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The solution comes fairly directly as

—M +VM*— 4N —M —VM? — 4N
B = Cjexp > 1)+ Cyexp 7 t (v)
When,
t=0; B=0
and
Cl + C2 = O
Then,
Mt . M? — 4N .
B=2Ciexp| —— |sinh | ——— ¢ (vi)
2 2
For the constant C;,
dB KpS
g A
dt ( V, ) 0
at t = 0. Then,
2KpSAg ( Mt) . ( M? — 4N ) .
B(t)=—————=exp| —— |sinh | ——— ¢ vii
O = —an 2 2 i
For the product D,
t
D — D, = J kB(t) dt
0
Let
VM? — 4N 5 KpSA,
o0 = ——: = —
2 ’ V,
then,
KB\ [ M/FHt _p  oM/2ar
D()=D g
(2) 0+<2a){ o= (M)2) + o (M) (viii)

All this seems tiresome but not very difficult. |
worry about mass-transfer correlations for liquid-
liquid phases. Go through the literature and see
how many experimental studies you can find that
report mass-transfer data (or any correlation)
for liquid-liquid phases. Do you think that it is
possible to use KpS, from gas-liquid to liquid-
HORATTO SAYS liquid, only by making density corrections?

Our chief interest is concerned with the quantities required for analysis of an
existing reactor or one that, for design purposes, is to be compared with other
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possibilities. Certain parameters are either known or are variables that may be
adjusted to obtain the design objectives; these are normally the liquid volume, V7,
the liquid flow rate, g, the pressure, P, temperature, 7, initial concentrations, C,,
(liquid phase) and y,; (gas phase), the gas phase flow rate, G, and the required
conversion. We would also assume that if one is serious enough to contemplate
the design of a reactor, separate information concerning phase equilibria (treated
here in terms of Henry’s law constant, /), and reaction kinetics r; is available as well.

In reviewing this list it becomes clear that the remaining parameters have to do
with bubbles."® This second list would include the mass-transfer coefficient K, and
the individual bubble parameters a’, V;, v, and N. There is some difference in the
correlations pertaining to tank-type and columnar reactors, so we consider them
separately below.

8.3.4 The Parameters of Tank-Type Reactors

The overall coefficient K; employed in the design equations is related to individual
coefficients for liquid and gas phases by the inverse addition law for systems that
follow Henry’s law.

1 H 1
Kok, + ko (8-205)
In most of the cases involved in design for gas-liquid systems, the gas-phase resis-
tance to mass transfer, 1/kg, is small compared to the liquid-phase term, (H /k;),
unless there is a very fast liquid-phase reaction. Thus, correlations for k; are the ones
we seek for design purposes. We have seen in Section 8.3.1 the analysis of the effect
of reaction on the mass-transfer coefficient for several types of reactions. These were
reported via the values of an enhancement factor applied to the magnitude of the
liquid-phase mass-transfer coefficient in the absence of reaction, which we will term
here k5. There are numerous correlations available for k7 in bubbling systems,
summarized in the work of Russell et al. A reasonable and typical correlation is
that of Hughmark [G.A. Hughmark, Ind. Eng. Chem. Proc. Design Devel., 6, 218
(1967)], claimed to fit experimental data to about £15%.

ki d,, 0.48 27034 dbgl/ A
NSh = D =2+ |:NRe NSC D2/3 (a) (8'206>
where
ud, v
Nge=—2: Ng=—
Re L 3 Sc D

For single bubbles u is the bubble velocity, for bubble swarms u is the bubble/(slip
velocity), v is the kinematic viscosity (length)? /t, and D the molecular diffusivity
(length)?/1.

For single bubbles ¢ = 0.061 and b = 1.61; for bubble swarms ¢ = 0.019 and
b =1.61. When Ng,, Ng. and (dbgl/S/Dz/S) are all <2 then there is an apparent

13 <A harbor, even if it is a little harbor, is a good thing.”—S.0. Jewert
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relationship between single bubbles and bubble swarms given by

Ki)ps 031

< Z)SB

which signals the interesting fact that the mass-transfer coefficient for single bubbles
is greater than that for bubble swarms. In the event of mechanical agitation of the
liquid phase, the reported correlations become highly specific as to power input and
configuration, as discussed by Hughmark.

In order to convert these values of k7 into useful mass-transfer coefficients it is
convenient to use the classification of Astarita (G. Astarita, Mass Transfer with
Chemical Reaction, Elsevier, Amsterdam, (1967)]. Let us define two characteristic
times,

(8-207)

_Ci—Cy (8-208)

where C,; is the interfacial (equilibrium) concentration determined by Henry’s law
and C,; is an equilibrium value for j in cases of reversible reaction (and thus zero for
irreversible reaction). The physical interpretation of these times is: 75 is a diffusion
time characteristic of the life of a surface fluid element exposed to the gas phase and
tr 1s a reaction time representative of the time required for the chemical reaction in
the liquid phase to go to an appreciable extent of conversion. This would be taken,
for example, for a first-order irreversible reaction, as 71z = 1/k. For bubbling systems
the situation is a little more complicated, and

0.005 < tp < 0.04s
and for typical values of D in the liquid phase this translates to

0.015 < k7 < 0.04cm/s

If the liquid-phase reaction is slow (7p < tg), then we can identify three differing
situations as follows:

1. Diffusion subregime The overall driving force is dominated by diffusional
transport. Here

D<<1
kL a

and
(1/a)(r)(Cy — Cg) > k1.(Cp — Cy)

For typical values of D and k7 this gives an a range as
(1/a) > 2.5 % 10"*cm

Further, K is just (H /k7) in this subregime, and since the entire rate process is
diffusion-driven, k; = k7.
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2. Kinetic subregime The chemical reaction in the liquid phase is very slow
and diffusional transport effects are not important. Then

(1/a)(r;)(C,; — Cy) < k1(Cpj — Cy)

In this case mass-transfer terms in the reactor model equations may be neglected.
3. Intermediate subregime  As expected, this is intermediate between the
limits of (1) and (2). Here

(1/4)(0)(@1 - Cej) = OL(Cej - Cej)

and for a first-order irreversible reaction

1 a\!
b= (g +h)

One must remember that all three of the subregimes above are subject to 7, < 1.
If the liquid-phase reaction is fast (7, > tz), for a first-order example once again,

k, = (Dk)'?

Finally, if the liquid phase reaction is very, very fast, corresponding to the physical
picture envisioned in the derivation of equation (7-82),

Ip Col

tR O{ng

where C,; 1s the initial bulk concentration of liquid-phase reactant, C,; the interfacial
concentration of gaseous reactant in the liquid phase, and « is a stoichiometric
coefficient, mols liquid-phase reactant/mol absorbed reactant. This regime is typical
of acid-base reactions in the liquid phase. Further details concerning the analysis of
this regime are given in the text by Astarita.

Gas phase properties As stated before, all the model equations involve parameters
that are determined by the behavior of bubbles, either alone or in groupings, and
the analysis becomes more of an exercise in bubble fluid mechanics than in reactor
design. For plug-flow gas phase reactors there are a number of correlations that
relate in-reactor bubble properties as a function of the inlet conditions. These
are available for the bubble volume V), the bubble rise velocity v,, the surface
to volume ratio a’, and the number of bubbles per unit volume N. In addition, if
bubbles are spherical (or approximately so), information on d, allows deter-
mination of ¢’ and V;,. However, these correlations are subdivided by the gross
characteristics of bubble formation, namely whether there is a gas phase consisting
of discrete bubbles, or whether there is interaction among bubbles with some coal-
escence, commonly termed a swarm bubble phase.

For a discrete bubble phase we borrow heavily from work done with single
bubbles for correlations. Many of those are posed in terms of the initial bubble
diameter as the gas is introduced into the liquid phase via an orifice or other type
of dispersion device. For low flow rates, where single bubbles are emitted at some
fixed frequency, f, a force balance yields

6Dyo
(dob>3 = 2

= (8-209)
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where D, is the orifice diameter and o the interfacial tension of the gas-liquid inter-
face. For spherical bubbles the frequency f is also easily calculated as

Og(prL — pg)
nD,o

/= (8-210)
where Q is the gas volumetric flow rate. For somewhat higher flow rates (orifice Ng,

to 2000) an, empirical correlation was proposed,
d,, = (0.18) DI N (8-211)

There are not much data available for the region of “‘jet flow” (higher velocities still),
but some assistance can be found in handbook correlations. For bubble velocity we
have used the expression presented by Davidson and Harrison,

vy = (0.711)(gd,) ' (8-212)

where dj, is some equivalent spherical bubble diameter if the bubbles are not sphe-
rical. If we have a value for the bubble rise velocity we can calculate the number of
bubbles per unit volume as

QoL

N = 7oV, (8-213)
where V,, is the initial bubble volume and V; the volume of the liquid phase.
Remember that the indicated relationship of N to (vb)_l means that the number
of bubbles may vary with position in the liquid phase, depending upon the value of
d,, in equation (8-212).

The correlations for the swarm bubble phase, still for the gas in plug flow,
are rather equipment-specific. For example, for bubble swarms issuing from
porous plates, the bubble diameter may be estimated from the correlation of
Koide et al., [K. Koide, T. Hirahara and H. Kubata, Chem. Eng. (Japan), 30, 712
(1966)],

doy = 1.35(Np /Nyt ) "> (gp/06) (8-214)

where N, (Froude number) is (i /g6), Ny, (Weber number) is (6u? p/o), 6 is the
orifice diameter in the gas-phase distributor, o is the liquid surface tension, and p is
liquid density. From this point on there are a number of different procedures sug-
gested in the literature to obtain bubble velocity, the number per unit volume, and
the gas holdup for the swarm. Approaches are suggested in the review of Cichy et al.,
who also give a number of references to some of the basic work on parameters of the
swarm bubble phase. As mentioned above, these tend to be very specific to particular
operating situations, and it is probably more fruitful to consider the original work
rather than report the litany here.

8.3.5 The Parameters of Column Reactors

Our primary interests here are directed toward vertical-flow contacting devices,
generally referred to as bubble-column reactors. These can be empty, with stage-
wise placing of porous plates for bubble redispersion, or filled with a commercial
packing such as Raschig rings. These two types have received full attention in work
directed toward mass-transfer/separation processes, and will not be considered
further here. What we will examine now is the case in which there are discrete
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gas-phase bubbles passing through a continuous liquid phase. This puts us generally
in the southeast corner of the Govier chart of Figure 8.16.

As in the situation for tank-type reactors, we need first to define the character-
istic time quantities associated with the reactor design. The characteristic diffusion
time, 7, is given in equation (8-207), and the extent-of-reaction time, 7, iS given in
equation (8-208). The third time here is ¢,, the length of time an element of fluid
remains in the reactor. This is reminiscent of the exit-age distribution function
developed for homogeneous tubular-flow reactors, but the development of the
theory for multiphase reactors has been different.'

We may estimate 7, from a knowledge of the liquid holdup in the reactor, R, , via

(1), = RL;"L (8-215)
(1)e = 1= %11(}46“) (8-216)

where R; is the liquid-phase holdup (ratio of cross sectional area of column occupied
by liquid to the total cross sectional area), ¢ is the volumetric flow rate of liquid, 4,
the total cross sectional area, and G is a molar gas flow rate. A number of correla-
tions for holdup are available, some with a semi-theoretical basis and others more or
less completely empirical. Two that have passed the test of time rather well are those
of Hughmark [G.A. Hughmark, Chem. Eng. Prog., 58, 62 (1964)] and Lockhart and
Martinelli [R.W. Lockhart and R.C. Martinelli, Chem. Eng. Prog., 45, 39 (1949)].

The interfacial area, based on a unit volume of reactor, is given by the general
relation

a=Na'Vpg (8-217)

where Vg is the average bubble volume. If the bubbles are spherical Vp is easily
estimated if there is some information concerning the size distribution. The value of
N can also be estimated from inlet conditions,

(1-Ry)
(Vpa)o

This value would not be expected to change much with position for the discrete
bubble regime that we are considering. The initial bubble volume, (Vps),, is esti-
mated from

N = (8-218)

GoRT
174 —
(Vblo = —p,

where v is a bubble formation frequency that must be known from other data, or
may be roughly estimated from the average bubble volume and the gas volumetric
flow rate.

The bubble rise velocity, important in determining gas-phase residence time, is
estimated by a correlation reminiscent of fluidized beds.

(8-219)

6 1/8
vg = v; + 0.711g'/2 (-) (Vpe)"/® (8-220)
T

14 “That great dust-heap called ‘history’.”—A. Birrell
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where v; is the average velocity of the liquid phase. All of these expressions offer
ways of approximating interfacial areas, most often through the assumption of
spherical geometry, determination of Vg, and then area from equation (8-217). A
direct correlation for a was reported by Scott and Hayduk [D.S. Scott and
W. Hayduk, Can. J. Chem. Eng., 44, 130 (1966)],

o~ () ()l g?w/mr (8-221)

where o = (¢P/HG), A is the total surface area in the reactor, and ¢ and G, are as
defined before. The exponent m is a value obtained from curve-fit that can vary from
0.66 to 1.0. One wonders how useful this correlation may be, since the estimate of 4
required would seem no less of a task than simply estimating a value for a based on
intuition or experience. The whole business seems fairly insecure, if we remember the
fluid-bed studies that have shown that bubbles in multiphase reactors are anything
but spherical. There isn’t much else to go on, however.

Estimation of the mass-transfer coefficients associated with columnar opera-
tion, at least for the discrete bubble phase we are considering, is the same in practice
as for tank-type reactors. Thus, one determines the value of the diffusion time by
equation (8-207) and goes on to the calculation of k; for the appropriate conditions
as defined in the classification of Astarita.

Two final comments are appropriate here. First is reminder that if one gets
“stuck” among the intricacies of all the correlations and sub-classifications
described, an unhurried perusal of the procedure given in Perry’s Handbook is
always a good place to start.!> The second comment has to do with some straw
men that have been set up in the general derivations, then not mentioned again (aside
from spherical bubbles). In particular these include the droplet-liquid model of
Figure 8.17, and the possible use of axial dispersion models to describe deviations
from ideal plug flow or completely mixed phase behavior. These approaches may be
appropriate in specific instances, but are beyond what we need here. So, we depart
from the topic of gas-liquid reactors secure with the knowledge that such insecure
methods exist.'®

lllustration 8.5!7

The reaction of ethylene oxide with water to produce monoethylene glycol can be
represented by

A+ B— R

where the aqueous liquid phase is A, the pure gas of ethylene oxide is B, and the
monoglycol product is R. Experimental data on this reaction were obtained under
isothermal conditions at 90°C in a semi-flow reactor with a volume of 445 cm3, with
cylindrical geometry, 1-inch i.d. and length 32.4in. A summary of experimental
conditions is given below. What reactor subregime would apply here?

'S Maybe some more Debussy will help. Definitely not Wagner.
16 “The most difficult of all musical instruments to learn to play is second fiddle.”—Anonymous

17 After R.W. Schaftlein and T.W.F. Russell, Ind. Eng. Chem., 60, 12, with permission of the American
Chemical Society, (1968).
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C,5 = 0.01838 Ibmol /ft’
D, = 0.0825in
d,, = 0.4cm (observed experimentally)

H = 0.0498 Ib mol /ft*-atm

k=0.789h""

L=27ft

P =1latm

0, = 40cm’ /min

T =90°C

V; =445 cm?
Solution

The experimental measurements produced concentration-time plots of ethylene
oxide and ethylene glycol in the liquid phase, as shown in Figure 8.18. The physical
picture of this reaction/reactor system is most closely approximated by the plug-flow
gas phase, well-mixed batch liquid phase. The appropriate relationships to model
this system are given in equations (8-176) to (8-178), (8-183), and (8-188). The bubble
volume is variable, and the nature of the variation changes with the extent of con-
version (i.e., concentration of glycol in the liquid phase), however, the pure oxide gas
phase allows yz = 1. The modified equations specific to this reactor are then

dCy

- (@'VyN)k Cop — [(@'VyN)k, + K| Cy (i)
a=a'VyN = NS[V,, + (L*F*/3 — V[*LF)*?] (i)
and
k;RTS
F= P (iii)
t
Crl0) :kj Co(t) di (iv)
0
The boundary conditions for equations (i) and (iv) are,
1= 0, CA = 0, CB =0
(v)

L=1 Cp = Cg; Cr=Cg

We now need to determine the reaction regime (classification of Astarita) for this
operation. From equation (8-208) for an irreversible reaction, together with

rp = kCy

k=(22x10%s™!
then

tr = (1/k) = (4.55 x 10%)s (vi)
The typical range of 7, for bubbling systems is from 0.005 to 0.04 s, thus ¢z > t, and
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Figure 8.18 Concentration-time profiles for the reaction of ethylene oxide with water. Solid
lines are model predictions.

the reaction belongs to the ““slow reaction” regime, and we have to determine which
of the reaction subregimes (diffusion, kinetic, or intermediate) is applicable. For the
conditions given, this ends up in terms of the following criteria.
k ..
(—) >3 = < ki? (vil)
a
The value of k7 is determined from equation (8-206) to be 8.21 ft/h. From equation
(8-209) we estimate d,;, as 0.43 cm. Thus, from equation (ii), using
I 6 . vV, — W(dob)3

a =~
dy’ b 6
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N from equation (8-213), and v, from equation (8-212), we obtain
ks = 8.21ft/h; N =15940ft3;  a~3.64ft"!
Using these values one obtains numbers for the comparison of equation (vii) as
(k/a) =0.22
7 =8.21

which puts us into the “intermediate’ subregime, where kinetic and diffusion rates
are of the same order of magnitude, and

1 -
k; = (k_2+%) (viii)
Equations (1) to (viii) comprise the reactor model.
A test of this model is reported by Schaftlein and Russell, in which best-fit
values for k; and N were determined from the data in Figure 8.18, using an observed

value of 0.4 cm for d,,. These calculations are represented by the solid lines in Figure
8.18, with best-fit parameter values of

ky =0.56ft/h; N = 5900 ft>; a=140ft"

This should be considered a reasonable agreement between correlation and best-fit
values, as such things go.

Here I go again with my favorite question.
Suppose there is a doubt of +20% in such estima-
tion used above. Where would this put us as far as
the answer is concerned? We must a/ways remem-
ber that correlations do not descend from Higher
Powers. Unpleasant results can, and do happen
from time to time.

HORATIO SAYS

8.4 Trickle-Bed Reactors

The name “‘trickle-bed reactor” is usually applied in reference to a fixed bed in which
a liquid phase and a gas phase flow concurrently throughout a bed of catalyst. By far
the most important application, and hence much of the work, on these reactors has
been in the hydrotreating of heavy feedstocks in the petroleum industry (hydro-
cracking, hydrodesulfurization, hydrodenitrogenation). However, this seems a very
versatile processing method, and has not been exploited nearly to its potential in
other areas such as waste water treatment—at least as the scientific literature would
indicate.

The hydrodynamics of trickle beds are complex, to say the least, and although
an enormous amount of time and effort has been expended on research in this area, it
is probably true to say that design and scale-up procedures are somewhat more
tenuous than for fixed- or even fluid-bed reactors. Fortunately, there are relevant
reviews that give some insight [C.N. Satterfield, Amer. Inst. Chem. Eng. Ji., 21, 209
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(1975); H. Hofmann, Catal. Rev. Sci. Engr., 17, 71 (1978); A. Gianetto, G. Baldi, V.
Speccina, and S. Sicardi, Amer. Inst. Chem. Eng. JI., 24, 1087 (1978)], as well as a
book devoted to the topic [Y.T Shah, Gas-Liquid-Solid Reactor Deeign, McGraw-
Hill Book Co., New York, NY, (1979)].

As in the case of other multiphase reactors discussed in this chapter, topical
material divides itself rather naturally into three major aspects: hydrodynamics,
transport, and reaction processes. We will stay with fairly simple approaches, parti-
cularly in the area of hydrodynamics and correlations. An extensive amount of
research continues to this day on trickle beds, so we cannot attempt to present the
latest word.

8.41 Hydrodynamics inTrickle Beds

The areas concerned with hydrodynamics in trickle beds include flow regimes, liquid
distribution on the solid (catalyst) packing, pressure drop, liquid holdup, and, more
generally, the effect of the physical properties of the liquid and gas phases on all
hydrodynamic properties.

The basic “‘trickle-flow regime” is most often associated with low liquid and
gas flow rates (often termed ‘‘gas-continuous regime’’), in which the liquid flows
over the packing in the form of films, and rivulets or drops that essentially can be
considered to be in laminar flow and not affected much by the gas phase flow, be
it either laminar or turbulent. As the gas rate is increased a larger liquid phase
velocity is induced via increased drag on the liquid, and eventually turbulence will
result, with some liquid even becoming separated from the liquid film as slugs or
droplets, eventually to reform over the packing.'® This is commonly called
“ripple” or ‘“‘pulsating” flow and is probably most characteristic of the hydro-
dynamics encountered in commercial operation. At high liquid rates and low gas
rates, however, the liquid phase can become the continuous phase and the gas
passes through the reactor in a bubble (dispersed bubble) flow. Various flow
maps—somewhat reminiscent of the Geldhart correlation for fluid beds—have
been reported. One of the most easily visualized is that of Satterfield given in
Figure 8.19. This is presented together with a tabulation of limiting flow condi-
tions encountered in typical petroleum processing applications in Table 8.2. Large
differences in behavior are seen between foaming and nonfoaming systems. Our
discussion is limited to the former.

A somewhat more quantitative approach to the designation of flow regimes
was attempted by Gianetto et al. in correlation of the results of several investiga-
tions. In particular the correlation recognizes that a large portion of flow research on
trickle-beds, at least that which had been published, had employed the air-water
system and required an act of deep faith to be extended to non-aqueous systems.
In order to cope with this, one can devise some system-scaling parameters, of which
the most useful are

A= [(po/paii‘>(pL/pH20>]1/2 (8'222)

¥ For more on this and other aspects, the reader is referred to J.M. deSantos, T.R. Mell, and L. E. Scriven,
An. Rev. Fluid Mach., 23, 233 (1991).
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Figure 8.19 Ranges of gas and liquid flow rates utilized in laboratory, pilot plant, and
commercial trickle-bed reactors. [After C.N. Satterfield, Amer. Inst. Chem. Eng. J1., 21,
209, with permission of the American Institute of Chemical Engineers, (1975).]

Table 8.2 Representative Limiting Conditions for Trickle-Bed Applications in Petroleum
Processing

Superficial liquid velocity Superficial gas velocity®
ft/hr kg/m*s ft/hr (STP)  cm/s (STP) kg/m’s
1,780 14.8 0.0132
10 083 {8,900 74.2 0.066
Commercial reactor to
300 25.0 53,500 444 0.395
’ 266,000 2,200 1.97
178 1.48 0.0013
1 0.083
) b {890 7.42 0.0066
Pilot plant to
30 25 5,350 44.4 0.0395
’ 26,600 222 0.197

4 Values of G calculated for 1000 and 5000 std. cu. ft. of H,/bbl, respectively, and assume all hydrocarbon
is in the liquid phase. Although expressed at S.T.P. conditions, operating pressures are usually in the range
of 500 to 1500 1b./sq.in., and occasionally higher.

® Length of pilot plant reactor assumed to be 1/10 that of a commercial reactor.

1 1b./(hr.)(ft?) = 1.36 x 107> kg/m’s.

Source. After C.N. Satterfield, Amer. Inst. Chem. Eng. J., 21, 209, with permission of the American
Institute of Chemical Engineers, (1975).
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and

Y= (UHZO/UL>(NL/MH20)1/3(:0H20/pL)2/3 (8-223)

Use of these in a flow-rate correlation provides a somewhat clearer picture of the
transition between flow regimes, as shown in Figure 8.20. While there are undoubt-
edly some exceptions to the generalized correlation here, it can be considered fairly
reliable for the majority of systems. Our specific interests in this section are limited
for the most part to the region of ““gas-continuous trickling flow”’. For a more recent
attempt at defining the shaded transition region in Figure 8.20, the reader is referred
to the paper of Dimenstein and Ng [D.M. Dimenstein and K.M. Ng, Chem. Eng.
Commun., 41, 215 (1986)].

Pressure drop is a factor that we have not considered in this chapter, for it is
only of secondary importance in the design or analysis of fluidized beds, slurry
reactors, or gas-liquid contactors. However, for trickle beds the situation is more
complex end there is no generally accepted correlation such as the Ergun equation
for fixed beds. A summary of a number of these can be found in the review of
Gianetto et al. [A. Gianetto, G. Baldi, V. Speccia and S. Sicardi, Amer. Inst.
Chem. Eng. Jl., 24, 1087 (1978)]. One possibility in the absence of any other infor-
mation is to use the single-phase pressure drop correlation with the void fraction
reduced to account for liquid holdup in the bed, treating the liquid phase as
an extension of the solid phase, which is very conservative. There is no lack of
ideas in between for determining trickle-bed pressure drop, however. Many of these
propose what are basically combining rules for liquid-phase and gas-phase pressure
drops determined individually. One well-known correlation is that of Larkins et al.
[R.P. Larkins, A.R. White and D.W. Jeffrey, Amer. Inst. Chem. Eng. Jl., 7,231 (1961)],

PULSING AND
FOAMING FLOW

(L/G) Ay

0 i P i 11 . N
10 2 1 0 1
10° 3 6 107 3 6 10 3 6 10 3
G/AE, kg/m*-s

Figure 8.20 Generalized flow map for trickle-bed reactors. The shaded area is the transition
region from gas-continuous to gas-dispersed glow.
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which proposes

log (%) _ 0% (8-224)
AP, + APg log (x)” + 0.67

where x = (APL/APG)I/2 is in the range 0.05 to 30. Equation (8-224) was derived
from results with various packing materials, with dimensions on the order of 10 mm,
for all of the flow regimes shown in Figure 8.20. Later modifications of this
approach, offering perhaps better correlation (at the expense of additional com-
plexity), were offered by Sato and Hashiguchi [Y. Sato and Y. Hashaguchi,
J. Chem. Eng. Japan, 6, 315 (1973)] and Midoux et al. [N. Midoux, M. Favier and
J.C. Charpentier, J. Chem. Eng. Japan, 9, 350 (1976)]. In terms of simplicity, the
latter is particularly attractive.

APLG 0.5_ APL -0.5 APL —0.27
(APL) =1+ 35 + (1149 35 (8-225)

One caution that applies to the use of these pressure-drop correlations has to do with
the possible buildup of deposits in the trickle bed with increasing time-on-stream,
particularly in the case of hydrotreating. Here the buildup of carbonaceous or
metallic deposits on the catalyst may possibly block a portion of the bed void present
initially, and AP;; will be much greater than expected on the basis of equation
(8-224) or (8-225).

Liquid holdup is another factor that is important in the design and analysis of
trickle beds that we have not been concerned with in any detail in earlier sections
of this chapter. The effect of liquid holdup on performance depends upon the nature
of the reaction occurring. In some hydrotreating reactions such as hydrosulfuriza-
tion or demetallaton, the liquid holdups encountered are sufficiently high that all the
solid phase surfaces are wetted. In other reactions requiring less demanding condi-
tions, this may or may not be so. In the latter case the effective reaction rate will then
decrease with an increase in liquid holdup, since the mass-transfer resistance is
greater in the liquid phase than in the gas phase.

The liquid-phase holdup is expressed as a fraction of bed volume, i.e., volume
of liquid present per volume of empty reactor. This is then subdivided into external
holdup, liquid contained in the void fraction of the bed outside of the catalyst
particles, and internal holdup, liquid within the pore volume of the catalyst. There
is an even further subdivision of the external holdup into a “‘static holdup”—the
amount of liquid in the bed that remains after the bed has been allowed to drain
freely—and “‘dynamic holdup which depends on a number of factors but is most
simply defined as the difference between total holdup and static holdup.'’

The maximum internal holdup is determined primarily by the pore structure/
volume of the catalyst, and can range from about 0.1 to 0.4 for typical materials.
Static holdups in the range of 0.02 to 0.05 are characteristic of most packed beds of
porous catalyst. Summaries of such correlations for work done up to about 1980 are
found in the reviews of Gianetto et al., and Satterfield, as cited. These seem fairly

1 Related measures may have external holdup divided into “free-draining” and “residual” fractions. The
latter is related to the static holdup, but be careful. The names sound the same but result in entirely
different numbers. ““...and a cast of thousands.”—Anonymous
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well established figures, and not much work directly on this point has been done in
recent years.

The static holdup, 3,, depends primarily on the physical properties of the liquid
phase, and particle size, shape and wetting. This is often correlated in terms of yet
another nondimensional parameter, the E6tos number,

d2
Ngo, = (@) (8-226)

oL

which expresses the ratio of gravity to surface forces. Smaller particle diameters and
fluid density, and larger surface tension, thus give larger static liquid holdups. As
indicated by its name, static holdup is not particularly sensitive to operating condi-
tions and, as stated above, we can select some number on the order of 0.05 as
representative (Ng, < 4 for €8, ~ 0.05, decreasing with increasing Ng,). Workable
correlations for dynamic holdup, 8, and total holdup, 3, have been proposed in a
number of studies. From Larkin et al.,

log(6;) = (0.525)log x — (0.11)(log x)* — 0.774 (8-227)

for 0.05 < x < 30 [see equation (8-224)]. Midoux et al. give one correlation for all
hydrodynamic regimes for nonfoaming systems

g — 0.66(x)"*!
C 1 40.66(x)"!

(8-228)

for 0.1 < y < 80. Speccia et al. [V. Speccia, G. Baldi and A. Gianetto, Chem. Eng.
Sci., 32, 515 (1977)] propose, for the low interaction regime

d,
By = 386N} (), (42 ) (8229)
where
(Ng,), = dypr(prg + APLG)
Ga)L - ,uzL

and 3 < (Ng,); < 470. Shah has recommended the use of equation (8-229) for the
low interaction range for trickle-flow conditions in calculation of dynamic liquid
holdup, and the correlation of Midoux et al. for calculation of total liquid holdup
in all flow regimes. In the above equations e is the void fraction of the bed and «,,, the
area per unit volume of the catalyst external surface.

It is hard to find out much about internal holdup. Presumably this will be
determined by the internal void fraction of the catalyst, which one may assume is
totally filled with liquid phase—at least for reactions in which no phase change to
vapor occurs.

In the above we have seen only a few of the many correlations that exist for
hydrodynamic factors in trickle-bed flow reactors, and more specifically those deal-
ing with aqueous- or hydrocarbon-based reactions. Once again we are faced with the
question of how to select the particular correlation to be used from a rich menu
available. Again, also, there is no fixed procedure, but the most important general
rule is never to extrapolate a correlation beyond reasonable limits corresponding to
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its database. Unfortunately, this may not always be possible and one is left to pick
the most conservative value among several possibilities.

8.4.2 Mass-Transfer Correlations

As one might expect, these are conveniently subdivided into correlations for gas-
liquid coefficients and for liquid-solid coefficients. The overall structure of these
correlations is not much different from those we have seen for other multiphase
reactors, but the correlation coefficients, of course, are very-specific to the applica-
tion.

Gas-liquid. Charpentier [J.C. Charpentier, Chem. Eng. Jl., 11, 161 (1976)]
presented a thorough summary of literature on gas-liquid mass transfer in trickle
beds some time ago. The liquid phase mass-transfer coefficient is affected by both gas
and liquid flow rates. At very high gas- and liquid-flow rates values of k;a; may
exceed 1 57!, a value normally not achieved in any other type of gas-liquid conduc-
tor. In the trickle-flow regime, however, k;a; values are more consistent with those
expected on the basis of experience with other contactors. Trends in the gas-phase
coefficient, kga;, also follow in general order expectations based on experience with
gas-liquid slurry reactors. For k;a; a modified correlation following the earlier
suggestions of Reiss [L.P. Reiss Ind. Eng. Chem. Proc. Design Devel., 6, 486
(1967)] is recommended by both Satterfield and Charpentier.

(kp),ar = (0.0011)(E,) <%AILO_9)S—1 (8-230)

where D ,; is the diffusivity of reactant A in the liquid phase, and E; is an energy
dissipation factor for liquid-phase flow, given by

E; = <A£§G ) Usy (8-231)

where ug; is the superficial liquid-phase velocity and E; is in W/m?>. This is shown in
Figure 8.21a. Goto et al. [S. Goto, J. Levec and J.M. Smith, Catal. Rev. Sci. Eng., 15,
187 (1977)] gave a summary of results on k;a; in both cocurrent and countercurrent
contractors as a function of liquid velocity, shown in Figure 8.21b. The results of
Gianetto et al. are much lower than those of other reports, however, they establish a
norm for conservative design.

The gas phase mass-transfer coefficient can also be correlated with an equation
in the form of equation (8-230). In this case,

kgay = 2.0 + C(Eg)"*® (8-232)

where the energy dissipation term is

AP
Eg ( A;G ) UsG
and C; = 0.10 for E; in W/m?>. Alternative correlations to be considered are given in
the papers of Gianetto et al. (Figure 8.21¢) or Shende and Sharma [B.W. Shende and
M.M. Sharma, Chem. Eng. Sci., 29, 1763 (1974)]. As was shown previously for
fluidized bed and slurry reactors, the gas phase mass-transfer resistance is most

often smaller than that of the liquid phase in the overall transport process, and
disappears altogether in the case of a pure component gas feed.
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Figure 8.21 (a) Energy dissipation correlation for k;a; in cocurrent downflow trickle beds.
(b) Correlation of k;a; with liquid velocity in cocurrent and countercurrent contactors. Line:
countercurrent, 0.001 < k;a; < 0.03s™!; shaded, cocurrent, 0.003 < k;a; < 0.5s . [After A.
Gianetto, G. Baldi and V. Specchia, Quad. Eng. Chim. Ital., 6, 125 (1970); Amer. Inst. Chem.
Eng. JI., 19, 916, with permission of the American Institute of Chemical Engineers, (1973).]
(c) Energy dissipation correlation for K in cocurrent downflow trickle beds.
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6 mm glass rings 17.1
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Liquid-solid. Transport between the liquid and solid (catalyst) phases in
trickle-bed reactors is at least a first cousin to transport in more conventional
fixed beds, and our understanding of the liquid phase mass-transfer coefficient
here benefits from the decades of research devoted to that topic. A good correlation
was reported as far back as 1948 by Van Krevelen and Krekels [D.W. Van Krevelen
and J.T.C. Krekels, Rec. Trav. Chim. Pays-Bas, 67, 512 (1948)], who proposed

NSh = 1'S(ije)([);S(]VSC)O.33 (8-233)

kp pLL
N pry 2 * N pr—y
Sh ( asD 4y ) ’ ke < Acagpy

where ag is the liquid-solid interfacial area per unit volume, 4, the column cross-
sectional area, and L the volumetric liquid flow rate. The data on which equation
(8-233) is based indicated that the liquid-solid mass-transfer coefficient is greater in
the trickle bed than in a comparable bed with a continuous liquid phase for large
catalyst particle size (presumably via turbulence induced by gas-phase flow),
although for smaller particles (d, <2mm) Goto and Smith [S. Goto and J.M.
Smith, Amer. Inst. Chem. Eng. Jl., 21, 706 (1975)] reported a reverse effect, which
is a reasonable result.

Other correlations reported for k; generally follow the same form. Reasonable
alternatives to equation (8-233) are the correlations reported by Dharwadkar and
Sylvester [A. Dharwadkar and N.D. Sylvester, Amer. Inst. Chem. Eng., JI., 23, 376

with




644 Chapter 8

(1977)] and by Ruether et al. [J.A. Ruether, C.S. Yang and W. Hayduk, Ind. Eng.
Chem. Proc. Design Devel., 19, 103 (1980)]. From the former,

k
ip = <a51§2,4 - ) (Ns)™7 = 1.64(Ng,)0™" (8-234)
for 0.2 < (Ng,); < 2400. From Ruether et al.,
k
e(asﬁ) = s[(N&.) ) (Ns.)"? (8-235)

where 6 is the catalyst porosity and € is the bed void fraction. The correlation
constants s and ¢ depend upon the flow regime defined in terms of the modified
Reynolds number (Ng,),

s = 0.842; q=0.78  for (Ng,),; <55 (trickle flow)
s=0044; ¢=152  for 55< (Nj), < 100
s = 0.680; q=042  for (Ng,), > 100 (pulse flow)

where (Ng.); = (pruz/agurf;), and the total 3, can be determined from equation
(8-228).

Finally, some experimental results from the work of Hirose et al. [T. Hirose,
M. Toda and Y. Sato, J. Chem. Eng. Japan, 7, 187 (1974)] are shown in Figure 8.21d.

Intraparticle diffusion. Contrary to fluid beds or slurry reactors, which nor-
mally employ finely divided catalyst particles, trickle beds normally are employed
with catalyst particles of similar dimension to those of conventional fixed beds, and
intraparticle diffusion can become an important factor in the overall rate of reaction
and/or selectivity to various products in complex reactions. Indeed, both Satterfield
[C.N. Satterfield, Amer. Inst. Chem. Eng. JI., 21, 209 (1975)] and Speccia et al.,
[V. Speccia, G. Baldi and A. Gianetto, Chem. Eng. Sci., 32, 515 (1977)] pointed

0.1 g
@ F BUBBLE FLOW
§
€ PULSED FLOW .
3 001f T
§ : ' ' PO
(6] L ¥ /
] L FILM FLOW | SINGLE-PHASE FLOW
% / i
§ 0.001 3
U [
7] L
w 3
]
=

0.0001 —— il R S S |
0.02 0.1 1 10 100

Superficial Liquid Velocity,cm/s

Figure 8.21 (d) Experimental results for the liquid-solid mass-transfer coefficient in a down-
flow trickle bed; liquid velocity range from 1 to 100cm?®/s. For film flow d, =9 — 12mm; for
other regimes d, = 12mm.
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out that gas-liquid and liquid-solid mass transfer resistances can be neglected if the
diffusional (Thiele) modulus for the catalytic reaction is > 1.

Normal procedures for estimation of the effectiveness factor, 7, in reaction with
single-phase flow were discussed in Chapter 7, and if the pores in the catalyst par-
ticles are completely filled with liquid, then similar methods can be used with appro-
priately modified diffusivities for trickle-bed reactors. Since diffusion coefficients in
the liquid phase are considerably smaller than those in the gas phase, catalyst effec-
tiveness can be low for trickle-bed reactors, even for relatively small particle sizes.
Following the development in Chapter 7 we can still say that,

tanh ¢
T] =
¢
in the region of strong diffusion, with the Thiele modulus defined for arbitrarily
shaped particles as

¢ = A(k/Dyy)'"?

L < v, ) (8-237)

Sp

(8-236)

for our Academic Reaction #1. In Chapter 7 we discussed the nature of D4 in some
detail; here let us follow the simplest defining relationship,

Dy = (%> (8-238)

T

where ¢, is the particle void fraction, 7 the tortuosity factor (normally about 3 to 5),
and D the liquid-phase diffusion coefficient (normally of reactant).

If the catalyst particles are not completely wetted by the liquid phase and the
pores consequently not completely filled with liquid phase (static holdup gives some
indication of whether this is the case or not), the situation is considerably more
complex. In addition to being a function of the Thiele modulus, the catalytic effec-
tiveness will now depend on the fraction of external wetting, 7., and the fraction of
pore volume filled with liquid, n;. Dudokovic [M.P. Dudokovic, Amer. Inst. Chem.
Eng. Jl., 23, 940 (1977)] proposed a reasonable approach that accounts for all three
factors. If the reaction proceeds only on the catalyst surface effectively wetted by the
liquid phase and components of the reaction mixture are nonvolatile, then one can in
principle modify the definition of the Thiele modulus to

b1 = ( i )¢ (8-239)
TIcE
The effectiveness factor in the trickle bed would then be defined as
- 79
nrg = (Ncg/¢) tanh (8-240)
NcE

For small values of ¢ (slow reaction),

nre — N (8-241)
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and for large ¢,

nre = (Mce/®) = (Nce)n (8-242)

The general results accord with common sense. For example, for large diffusional
resistances (¢ > 1) the reaction occurs in a narrow zone close to the external surface
of the particle, and the utilization of the catalyst then becomes proportional to the
fraction of external surface wetted, ncg. Via similar reasoning, in the kinetically
controlled regime (¢ < 1) the reaction rate is proportional to the internal volume
wetted, n;. Now, all of this sounds fine and the dedicated would undoubtedly scurry
off immediately in search of appropriate correlations for the parameters 7.z and 7.
Unfortunately, they are doomed to return empty-handed, or nearly so, since there
are essentially no correlations available for 7;, and those for 7. are unreliable [J.G.
Schwartz, E. Weger and M.P. Dudokovic, Amer. Inst. Chem. Eng. JI., 22, 894
(1976)]. A rather detailed study of wetting efficiency was reported by Mills and
Dudokovic [P.L. Mills and M.P. Dudokovic, Amer. Inst. Chem. JI. 22, 894 (1981)]
who gave a correlation in terms of nondimensional quantities. However, it is difficult
to estimate the reliability of that correlation because of the few reliable experimental
data available—then or now. One can always make an estimate, at risk, of n; and 7cg
from static holdup data.”®

If the reaction is gas-reactant limited, Ramachandran and Smith [P.A.
Ramachandran and J.M. Smith, Amer. Inst. Chem. Eng. Jl., 25, 538 (1978)]
suggested that the overall effectiveness factor can be obtained as the weighted
average of the wetted and unwetted parts of the catalysts. Hence,

(nce/¢) tanh ¢ | (1 —neg)[(tanh ¢)/¢]
o = le_ ¢tanh ¢ + lj_Egzﬁ tanh ¢ (8-243)
(Nsi)r (Nsn)g

but even this still leaves the dedicated in search of a correlation. If the catalyst is
completely wetted by the liquid phase one can retreat to the basic definitions of
equations (8-236) to (8-238). The rate constant k must, of course, be available
from other sources, but A is directly measurable, as well as the particle porosity e.
The tortuosity 7 may cause a bit more difficulty, but as discussed after equation
(8-238) the general range of expected values is known, and values of this parameter
have been measured for quite a number of typical porous materials including cata-
lysts and catalyst supports (see Table 7.4, Chapter 7). Problems may come from an
unexpected direction, which is the evaluation of a proper value for the effective
diffusivity, D,;. Many applications of trickle beds involve heavy molecular weight
materials, in which the molecular size is significant compared to catalyst pore dimen-
sion. In such cases, the effective diffusivity decreases because of the proximity of the
pore wall and estimates based on liquid-phase diffusivities will be too large. There is
not a lot of fundamental information concerning this, but some approaches were
suggested by Pitcher et al. [W.H. Pitcher, C.K. Colton and C.N. Satterfield, Amer.
Inst. Chem. Eng. Jl., 19, 628 (1973)] and by Tamm et al. [P.W. Tamm, H.F.
Harnsberger and A.G. Bridge, Ind. Eng. Chem. Proc. Design Devel., 20, 262 (1981)].

2 «Any old port in a storm.”—Anonymous
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Ilustration 8.62!

Satterfield defined an “‘ideal” trickle-bed reactor as one that obeys the following
conditions.

1. Plug flow of liquid.
No mass- or heat-transfer limitations between gas and liquid, between
liquid and solid, or intraparticle within the catalyst.

3. First-order, isothermal, irreversible reaction with respect to reactant in the
liquid phase; gaseous reactant present in great excess.

4. Catalyst pellets completely wetted.

5. Reaction occurs only at the catalyst-liquid interface.

6. No vaporization or condensation.

Derive a workable set of equations, in accord with the restrictions above, to deter-
mine the reactant conversion in such in ideal trickle-bed reactor. What is the rela-
tionship of this to reality?

Solution

The answer to the question above is probably ““very little” (see Section 8.3), however,
let us take a closer look at the situation. From a mass balance across a differential
volume element, dV, of the reactor, we have

FCydx = (—r)dV (i)

where C, is the reactant concentration in the entering liquid phase in, say, mols/cm?,
x fractional conversion of reactant, and dV is the differential volume element under
consideration. For first-order reaction,

(—=r) =kC(1 —¢) (i)
where the rate constant is in units of (cm® liquid/cm® pellet-s). Combining (i) and (ii),

FCydx =k(1 —e)CdV (iii)

C=Cy(1—x)
and

FJ%:k(l—e)JdV (iv)
Thence,

C() 17 k(l — 6)
1 == )k(l—¢) =—-
()= (7 )0-0-107 N

or, in terms of the liquid hourly space velocity (LHSV),

ln( Co ) _ 3600 k(1 - ¢)

Cour LHSV (vi)

2l After C.N. Satterfield, Amer. Inst. Chem. Eng. JI., 21, 209, with permission of the American Institute of
Chemical Engineers, (1975).
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where L, is the liquid superficial flow rate in cm/s, and % is the depth of the
packed bed.

Comparison with slurry reactor measurements

If the simplifying assumptions above also hold for a slurry reactor, one should be
able to obtain values for the rate constant k in an autoclave experiment. One would
measure changes in concentration with time (i.e., batch reactor procedure) rather
than changes with position as in a trickle bed, but the two measures should be
proportional to each other. For the slurry reactor,

(4€) - ol ) (vi)

E vy,

where (—r) is the rate in [mols/(cm® cat + ecm® liquid)-s], v, is the volume of catalyst
in the reactor in cm3, and vy is the volume of liquid in the reactor, also in cm?®. Now,
using equation (ii) in equation (vii) we have

(‘;—f) (:Lt) = kC(1 - ¢) (viii)

where (1 — €) is the volume fraction of catalyst in the slurry. Integrating,

ln<%) _ (%Z’)kt(l ) (ix)

where, for the slurry reactor, C, refers to the initial concentration. We may then
evaluate k£ in the normal manner from C, versus ¢ data; the only thing to remember is
that the slope of a plot of In(Cy/C,) versus ¢ contains the factor (v, /vy).

How much does all of this differ from the analysis
of a typical plug-flow reactor? What are the corre-
sponding terms between the two reactor models?

HORATIO SAYS

8.4.3 Axial Dispersion Considerations

We might wonder about the necessity of giving the illustration above, since the ideal
trickle-bed reactor is nothing more than a glorified PFR with a couple of additional
parameters. Such criticism is, in fact, hard to rebut. Possibly the best justification is
that the ideal model gives us a place to start. The discussion of hydrodynamic factors
in Section 8.1 suggests that nonidealities in the liquid flow are of potential impor-
tance, and indeed this is so. Here we can return to an old friend from Chapter 5, the
axial dispersion coefficient D;. In general Pellet numbers are significantly lower for
trickle-flow conditions than for single-phase flow through conventional packed beds
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under similar circumstances. There is no lack of proposed correlations. A simple and
reasonably reliable one is that Mitchell and Furzer [R.W. Mitchell and I.A. Furzer,
Chem. Eng. Jl., 4, 531 (1972)].

(Npe)p = (Nr)y (NGa) " (8-244)
where
ULdp dpPLUL d; 8 P%
p— . N > = = —
(NPe)L DL ; ( Re)L L ) (NGa)L H%

with u; the interstitial velocity and D; the axial dispersion coefficient. Early on Van
Swaaij et al. [W.P.M. Van Swaaij, J. C. Charpentier and J. Villermaux, Chem. Sci.
Eng. Sci., 24, 1083 (1969)] suggested that the Peclet number could be correlated with
liquid holdup. Furzer and Mitchell [I.A. Furzer and R.W. Mitchell, Amer. Inst.
Chem. Eng. Jl., 2, 380 (1970)] thus provided us with

(Npe), = 43[(Nke) /871" (NGa) 1 (8-245)

where the primed quantities are defined using the superficial liquid velocity instead of
the interstitial value, and 3, is the dynamic holdup. The only difficulty found is that
such correlations are for air-water systems. Some variety is provided by Hochman
and Effron [J.M. Hochman and E. Effron, Ind. Eng. Chem. Fundls., 8, 63 (1969)],
who studied the N,-methanol system and proposed

(Npe)p = 0.042(Ng,)y” (8-246)
where (Ng,), was defined as
(NRe), = luorprdy/pr(l — €)]

with uy; the superficial velocity. The three correlations for Peclet number above are
really quite similar; the role of the Galileo number is somewhat tenuous in these

correlations and equation (8-246) is recommended for hydrocarbon systems in the
book by Shah.

8.4.4 Some Combined Models

A long time ago,? in Chapter 5, we presented some combinations of PFR and CSTR
as a means of modeling nonideal flow patterns—particularly when large deviations
(short-circuiting, dead volume, etc.) were encountered. However, to this point we
really have not done much to exploit such models. They do have a home, to some
extent, in modeling flow patterns in trickle-bed reactors when the axial dispersion
model is not up to the task. A number of those, classified as to the number of
parameters involved (nothing in this life is completely free), were discussed in the
text by Shah. It is not clear that any of these have ever been used as the basis for a
design, but they are fun anyway. Table 8.3 gives an overview of some of these. The
question as when to stop in Table 8.3 is arbitrary, since there are other four-para-
meter models around, and even some with five parameters. However, remember the
little morality tale concerning the number of parameters involved in physico/chemi-
cal models that was set forth in Chapter 3.

22« in a galaxy far, far away...”—G. Lucas (Star Wars).
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Table 8.3 Some Combined Models Proposed for Trickle-Bed Flow

1.

O W >

Simple Bypass

Parameters: One: fraction of flow to perfect mixing.

Reference: R.W. Mitchell and 1.A. Furzer, Trans. Inst. Chem. Eng., 50, 334 (1972).
Picture:

A C ¥ A C
—> A > > A »

v ik‘ \v'

Ly B - B

: Laminar film region
: Perfectly mixed static holdup region
: Instantaneous bypass

. Deans and Lapidus Mixing Cells in Series

Parameters: Two: fraction of liquid that is stagnant and the mass-transfer coefficient
between stagnant and flowing liquid.

References: H.A. Deans and L. Lapidus, Amer. Inst. Chem. Eng. Ji., 6, 656 (196); H.A.
Deans, Soc. Pet. Eng. Jl., 3, 49 (1963).

Picture: See Chapter 6.

. Axial Dispersion

Parameters: Two: fractional liquid holdup and the axial dispersion coefficient.
Reference: See Chapter 5.
Picture:

Cross Flow

Parameters: Two: fraction of liquid in plug flow and the mass-transfer coefficient between
stagnant and flowing liquid.

References: J.M. Hochman and E. Effron, Ind. Eng. Chem. Fundis., 8, 63 (1969: C.J.
Hoogendoorn and J. Lips, Can. J. Chem. Eng., 43, 125 (1965).

Picture: Main plug flow channel flowing and stagnant liquid

=
v Y v

<+
<>

44y

. Time delay

Parameters: Three: time for initial breakthrough of tracer in an E(¢) experiment, mean
delay time, and total number of delays per element of fluid during its residence
time. The delay times are exponentially distributed about a mean value.



Multiphase Reactors 651

Table 8.3 Continued.

5. Time Delay
References: B.A. Buftham, Chem. Eng. JI., 1, 31 (1971); B.A. Buftham and L.G. Gibilaro,
Chem. Eng. JI., 1, 31 (1970); B.A. Buffham, L.G. Gibilaro and M.N. Rathor,
Amer. Inst. Chem. Eng. Jl., 16, 218 (1970).
Picture: Main plug flow with lateral streams delayed at different points the bed (perfectly

mixed).
r——*

N
T
. -

6. Modified Cross Flow
Parameters; As for cross flow, plus axial dispersion in the flowing liquid.
References: W.P.M. Van Swaaij, J.C. Charpentier and J. Villermaux, Chem. Eng. Sci., 24,
1083 (1969).
Picture: See 4 above.
7. Staged Backmixing
Parameters: Three: fraction of liquids in the mobile zone and relative volumes of mobile
and stagnant zones, plus the number of stages.
Reference: See 6 above; also J. Villermaux and W.P.M. Van Swaaij, Chem. Eng. Sci., 24,
1097 (1969).
Picture: Split of feed into fractions « and (1 — &) into stagnant, V;, and mobile, V;, zones.
Figure is for the ith stage in the sequence.

[40]

8. Staged Mixing with Bypassing
Parameters: Four: fraction bypass flow, relative volumes of stagnant and mobile zones, and
number of stages.
Reference: J. Raghuraman and Y.B.G. Varma, Amer. Inst. Chem. Eng. JI., 22, 612 (1976).
Picture:

£x €,
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8.4.5 Trickle-Bed Reactor Models

It is very interesting, after all this discussion of hydrodynamics, mass transfer, and
other properties of trickle beds, to see what people have actually done when they get
down to the task of trickle-bed reactor design.?® Things get fairly basic quite rapidly,
and while we don’t retreat all the way to the ideal trickle-bed reactor model, neither
do we attempt the presumption of three or four parameters. Some have proposed
simplified heterogeneous models, others consider only the degree of contact between
the liquid and solid phases, and still others base the approach on the mass-transfer
factors appearing in the three-phase reactor/reaction system. Finally, there are some
approaches based on the directly-determined residence time distribution function.
We will take a brief look at each.

Plug flow. This is a small modification of the ideal model, including the
catalyst effectiveness factor. Then,

m

dc — M (8-244)

d¢ (LHSYV)
where € is the bed void fraction, m the order of reaction with rate constant k, and £ a
nondimensional distance (position within the reactor). In most applications m is
either 1 or 2, with the result

C nk(1 —e€) ' B
1n(COZZ) =asy) "o 1 (8-245)

1 1 nk(l—¢)
=P =2 8-246
Cou Co (zHSV) " (8-246)

The effectiveness can be determined from the appropriate procedure in Section 8.4.2
for the case at issue. A consistent set of units would be k(m = 1) in ecm® liquid/cm’
solid-h or k (m = 2) in (cm® liquid)*/g-cm’ solid-h, LHSV in ecm® liquid/cm® solid-h,
and C in g/em’. Aside from Satterfield, this model has appeared in reports by Reiss
[L.P. Reiss, Ind. Eng. Chem. Proc. Design Devel., 6, 486 (1967)] and Henry and
Gilbert [G.H. Henry and J.B. Gilbert, Ind. Eng. Chem. Proc. Design Devel., 12,
328 (1973)].

Liquid holdup. This approach derives from the observation that at low flow
rates (typical of many pilot-plant studies), the apparent rate of reaction is dependent
upon liquid flow rate. This was investigated by Henry and Gilbert using a correlation
proposed by Satterfield for the external holdup,

ﬂt(’ = ﬂr + Bf = a<NRe)lL/3<NGa)Zl/3 (8'247)
where
Grd d3gpi
Npe), = —2; Ngo); =2
(Nre)r . (NGa) 1 )

where G, is the mass flow rate of liquid per unit area, and « is a proportionality
constant [C.N. Satterfield, A.A. Pelossof and T.K. Sherwood, Amer. Inst. Chem.

2 As one might say, “... where the rubber meets the road ...”—Advertising copy, ca. 1970-1990).
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Eng. Jl., 15, 226 (1969)]. Thus, for a first-order reaction,

C ks
1 out . te _24
( G ) X {LHsVY (8-248)
Combining equations (8-247) and (8-248) gives
C ks
In ﬂ) ox ——— 8-249
( Co (LHSV)*? (8-249)
or, in more detail,
ln(%) = (2)"*(LHSV) P (d) P (8-250)
0

where v = pu/p for the liquid, and Z is bed length.

There is no a priori justification for assuming that the reaction rate is
proportional to holdup, however, the experimental evidence is there (at least accord-
ing to Henry and Gilbert). According to this view, a certain minimum amount of
holdup is required for full catalyst utilization. The correlating parameter in terms of
the hydrodynamics is the ratio [(Ng.);/(Ng.) L]]/ 3 where (Ng-), 1s given by
(GzL/ pidpg) and (Ng,); is as defined above. The general situation is shown in
Figure 8.22. The particular holdup correlation used by Henry and Gilbert has
been criticized as lacking in generality. This is probably so, and more recent work
has expanded the range of variables considered. However, one would like to use
some of the more general approaches for holdup given previously in this chapter, but
this apparently has not been done. There is disagreement about the critical value of
[((Ng);/(Nge),] yielding 100% catalyst utilization, and the matter has not been
resolved.

Catalyst wetting. As indicated by its name, this model is based on the
assumption that the fraction of the outer surface of the catalyst wetted by the liquid
phase is the critical factor in determining the overall reaction rate [D.E. Mears,

Liquid holdup
4

Gas-
phase
holdup e

— — —

—— 100 percent
catalyst
utilization

Liquid-
phase
holdup

> (Fr /Rep )3

Figure 8.22 Liquid holdup regimes in downflow trickle-bed operation.
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Advan. Chem., 133, 218 (1974)]. In this case we modify equation (8-244) to

dC k(1 —e)nayC

e~ (LHSV) (8-231)

where ay, is the ratio of wetted external area to total external area. It is thus an
adjustable parameter, but the suggestion is to use the correlation of Purinak and
Volelpohl [S.S. Purinak and A. Vogelpohl, Chem. Eng. Sci., 29, 501 (1974)]

UC
ay = 1L.OS(Ng) 7™ (Nye)y (;) (8-252)
L

where (Nyy,),, the Weber number for the liquid phase, is (Gidl,/aLpL), oy is the
liquid surface tension, and o, is a critical surface tension for a contact angle between
liquid and packing. Combining equations (8-251) and (8-252) and integrating gives

m( Co ) _ @) Noefon)
Cour (LHSV)O'()(I/L)O'OS

(8-253)

Comparison of the ay, correlation with experiment, however, indicates that the
results lie above the predictions of equation (8-252) at higher liquid rates (~ 500 g/
cm?-h), and in this region the correlation of Onda et al. [K. Onda, H. Takeuchi and
H. Koyama, Kagaku, 31, 121 (1976)] should be used.

ay =1 — exp[—1.36G7 " (Ny.) ) (0 /o) "] (8-254)
Combining this with equation (8-251) gives
Go k(1 —e)n 0.4 0.4
| 1 - Z) (LHSV)™ 8-255
0o ) = sy (1 - exola@P LSy ) (8255)

where dependencies on viscosity, surface tension, density, and particle size have been
lumped into the factor 7. Since we are wandering away from the textbook to the
handbook here, we will conclude this discussion of catalyst wetting now. Much more
is available elsewhere.

External mass transfer. The method of moments applied to the pulse response
of fixed-bed reactors [M. Suzuki and J.M. Smith, Amer. Inst. Chem. Eng. Jl., 16, 882
(1970); Chem. Eng. Sci., 26, 221, (1971)] was adapted to the consideration of reac-
tion/mass-transfer effects in trickle beds [N.D. Sylvester and P. Pitayagulsarn, Amer.
Inst. Chem. Eng. JI., 19, 640 (1973); Can. JI. Chem. Eng., 52, 539 (1974)]. In this latter
work it was shown that the zeroth, first and second moments of the response to a
pulse input can be divided rather neatly into several factors, each associated with a
particular step in the overall reaction-transport process. The zeroth moment of the
output is related to a series of parameters given by

1 —x=exp(—\ W) (8-256)

where

W=z N = (3 )0 Peoth0) R 1

1 NPg 1
= rs N (I ] - 1)
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The significance of the factors above is as follows.

1. F=ugp.d,/2D;(1 —€,) considers the effect of intraparticle diffusion; u,
is the superficial liquid velocity and e, is the particle void fraction.

2. (Np) = uprd,/2Dy is the axial dispersion parameter.

3. S=3(1-¢)Ky/upy is the external mass-transfer factor; Ky is the overall
external mass-transfer coefficient.

4. Mg =k(1 - e)zdp/2u0L is the surface reaction factor. The overall mass-
transfer coefficient, K, is defined as

1 1 1 1

K keHBo kK

(8-257)

where (; is the gas holdup based on the total volume of the reactor and K; is the
liquid-solid mass-transfer coefficient. Overall, the term A; can be considered as
a reaction rate; when axial dispersion is negligible, A\; = \,, and when external
diffusion is negligible, A; = A;.

Note that this work of Sylvester and Pitayagulsarn does not present a design
model per se; the moments analysis allows one to apply an experimental approach
that is convenient for parameter evaluation in the reaction/reactor system when both
transport and catalyst wetting are important in affecting overall conversion. We
repeat a word of warning here. The evaluation of moments depends upon the
numerical evaluation of a time-response versus time from 0 to oco. Long tails on
the response (often experimental artefact) can lead to very large + estimates of
parameters. Despite the theoretical appeal, moments analysis is hazardous [see
W.E. Munro, S. Delgado-Diaz and J.B. Butt, J. Catal., 37, 158 (1975)].

General approach. 1t is interesting, as stated before, that when we get around
to discussing the realities of reactor design we find simple models.>* These are nor-
mally based on one particular factor, such as holdup, catalyst wetting, etc., and as a
consequence have little value to more general design considerations. For this reason
it is a good exercise to sit down and, at least, write out the mathematical relation-
ships that are appropriate based on what we know about reactor analysis and design.
So, here goes, considering the reaction to be

Atg) + Bpig) — Cuig)
with intrinsic kinetics

(—ra) = kAgBg (8-258)
For isothermal reaction conditions, the mass balances are
A — Gas

d’4 dA
DG deG—I/lOG d—ZG_KLaL(AG_AL) =0 (8-259)

2 «“The ugliest of trades have their moment of pleasure.”—D. Jerrold
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A — Liquid
d*A; dA;
a2 Mot T

Ksqas(Ap — As) = kasnAsBg

Dy + Kpap(Ag — Ar) — Ksqas(Ap — As) =0

B — Liquid
d*B dB
Dy ?f —UoL d_zL — KspasS(B, — Bs) =0
Kspag(B; — Bs) = kasnAgBg
C — Liquid
Lo dc
Dy 7; —tor -+ Kscas(Cs —Cp) =0

Kscas(Cs — Cp) = kagnAsBs
Also, with many boundary conditions

dA
Dy d_zG = upg(Ag — Agi); z=0"

dA
Dy d—zL = ”0L<AL - ALi>§ z=0"

dB
Ld—ZLZMOL(BL—BLi); z=0"

Dy % = uor(Cr — Cp); z=0"
and
ddg dA;, dB;, dC,
dz dz dz dz

0; z=Z7

Chapter 8

(8-260)

(8-261)

(8-262)

(8-263)

(8-264)

(8-265)

(8-266)

(8-267)

Now one recognizes this instantly as an axial dispersion model, both gas and
liquid phases, and by now we ought to be able to write it down from memory.
Nonetheless, let us take one last look to make sure that we know what everything
means. An important point, not explicit in the equations, is that the liquid holdup (or
the catalyst wetting) does not vary through the bed. The individual terms are then

[see Figure (8.23)],

Dg, D; axial dispersion coefficients in gas and liquid phases; taken the same

for A, B, C.

kpa; overall gas-liquid volumetric mass-transfer coefficient (includes both

gas- and liquid-side resistances for A).

Kg;ag liquid-solid mass-transfer coefficients (i = 4, B, C), normally the same

for all species.
z,7Z axial coordinate and reactor length.
n effectiveness factor.
uog,uo; superficial gas and liquid velocities.
G,L,S subscripts for gas, liquid, and solid surface.
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Figure 8.23 Schematic diagram of a trickle-bed system for a second-order reaction.[After
Y-T. Shah, Gas-Liquid-Solid Reactor Design, with permission of McGraw-Hill Book Co., New
York, NY, (1979).]

At this point we can also play the game of DOP (““drop the parameter’’). Although
this seems like something lighthearted, DOP is fairly serious. If the gas moves in plug
flow, which is often the case, then the term with D in equation (8-259), disappears.
If the concentration of B in the liquid phase is very large, which is often the case,
then terms involving B; are nearly constant and equations (8-262), (8-263) and the
condition on (dB; /dz) will disappear. If the liquid-solid mass-transfer resistances are
small, then 4; = Ag, B = By, and C; = Cy. If the feed gas is pure A, and B and C
are nonvolatile, the A; = A;. Various limiting forms of the governing equations for
this situation have been given in the literature [K. Ostergaard, Advan. Chem., 26,
1361 (1971); H. Hofmann, Int. Chem. Eng., 17, 19 (1977); S. Goto, S. Watabe and M.
Matsubara, Can. JI., Chem. Eng., 54, 531 (1976)].
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We probably don’t have to, at this point, say that the overall model here, or
even considerable simplifications of it, are best left to numerical solution. The axial
dispersion model seems to work pretty well, at least for cases where the holdup/
wetting does not vary much with position in the reactor. For large changes in this
factor, or for nonideal flows involving stagnant zones or liquid/gas bypassing, some
version of one of the combined models will be required. It will be understood that
these will be very specific to the particular design under consideration.

lllustration 8.7%°

A new catalyst for the desulfurization of a heavy feedstock is to be evaluated. Some
experimental results for operation at LHSV = 1h™', 136 atm, 400°C, and a hydro-
gen circulation rate of 1.4 x 10%cm’/bbl (STP), are available. The reactor was a
6.35cm i.d. stainless steel tube provided with a 0.635cm o.d thermowell mounted
along the center-axis of the reactor. The catalyst size was 8-14 mesh.

The percentage desulfurization versus liquid flow rate data obtained with this
catalyst are shown in Figure 8.24. As one explanation for the results shown in this
figure it was proposed that axial dispersion in shorter beds caused their poor per-
formance. Is this a viable explanation? Look at it. Based on the criterion of Mears,
what is the maximum length required to eliminate axial dispersion as a factor impor-
tant in reactor performance? Assume that the desulfurization reaction is pseudo-
first-order, and that the reactor operation was isothermal. The relevant liquid prop-
erties are p; = 0.93 g/em® and p; = 0.15¢P.

Additional notes:

1. The plot given, versus liquid flow rate, is equivalent to a plot versus length
of reactor, since the LHSV was kept constant.

2. For analysis of dispersion effects see Montagna and Shah [A.A. Montagna
and Y.T. Shah, Ind. Eng. Chem. Proc. Design Devel., 14, 479 (1975)].

3. According to the Mears criterion [D.E. Mears, Chem. Eng. Sci., 26, 1361
(1971)], the minimum (Z/d,) required to hold the isothermal reactor
length to within 5% of that of the plug-flow case is

(2) =t () 0

where m is the reaction order and Np, the Peclet number based on the
particle diameter.

Solution

Montagna and Shah show that in cases where axial dispersion effects are important,
a plot of In [C,,,(DISP)/C,,,(PFR)], outlet concentration with dispersion divided by
outlet concentration for plug flow, values of the In term versus Z should be a straight
line with slope < —1. Values of this quantity as a function of Z obtained from
Figure 8.24 are shown in Figure 8.25. Here the results from the longest bed,
80cm, are taken to represent the plug-flow case. the results shown in the figure

2 After Y-T. Shah, Gas-Liquid-Solid Reactor Design, with permission of McGraw-Hill Book Co., New
York, NY, (1979).]
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Figure 8.24 Percentage desulfurization as a function of bed length and flow rate.
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Figure 8.25 Test of trickle-bed HDS data for axial dispersion using the proposal of
Montagna and Shah.

show a strong influence of axial dispersion, which we have not seen in homogeneous,
tubular-flow reactors, or even in fixed-bed catalytic reactors with reactants and
products in the gas phase.

If we set C, and C,,, in the criterion of equation (i) as the inlet and outlet
concentrations of sulfur, the effect of axial dispersion can be evaluated quantita-
tively. We will employ the correlation of Hochman and Effron [J.M. Hochman and
E. Effron, Ind. Eng. Chem. Fundls., 8, 63 (1969)] for Peclet number

(Npe), = 0.042(Ng,);” (i)

where Np, is also based on particle diameter, and on the superficial liquid velocity.
Now Z,,;, can be determined from equations (i) and (ii) for various bed lengths, with
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Table 8.4 Minimum Bed Length to
Eliminate Axial Dispersion Effects

Length, cm (Npe); Z pin» €M
10 0.023 189
20 0.033 172
40 0.047 147
80 0.066 93

Note: L,,;, varies with bed length since at constant
LHSYV as the bed length is varied the liquid flow is

also varied.

the results shown in Table 8.4. These show that the minimum bed length to
eliminate axial dispersion effects is ~80cm. Given uncertainties, let us call this

~ 100 cm.

Does the approach used above include pore diffu-
sion effects, which seem to be of great possible
import in the operation of trickle beds? if not,
how can we modify the analysis?

HORATIO SAYS

Exercises

Section 8.1

1.

2.

Equation (8-11) expresses the behavior of the emulsion phase in the two-
phase model when it is considered to be well-mixed. Derive this equation.
A decomposition reaction is carried out in a fluidized-bed reactor with the
following parameters specified.

L =38cm uy = 17cm/s
€n = 0.45 v, =0

€ = 0.50 D =0.19m/s
k,=3s"! d, =4cm
Uy = 2.1cm/s D, =25cm

¢ = 980 cm/s’

Using the three-phase model, compute the conversion to be expected
assuming operation in the Geldhart A’ region. Compare this with the
equivalent PFR and CSTR results.

Given the extreme parametric sensitivity of some oxidation reactions
carried out in PFRs, as shown in Chapters 4 and 6, it could be considered
more desirable to utilize the closer control of temperature provided by a
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fluidized bed. Again, naphthalene oxidation is a good example reaction,
where the sequence is

A — R (krl)
R—-C (kr3)

where A is napththalene, R is phthalic anhydride, and C are the oxidation
products. The following data are available:

d,(50%) = 50-70 pm; (25-35%) < 44 um
Uy = 0.005m/s; v, = 0.005

€n = 0.52; €my = 0.57

Feed composition = 2.27 mol% A in air
Pr=81x10°m?/s; Pr=284x10"m?/s
T = 350°C; P =2.52 bar; uy = 0.45m/s
L=5m; Dr=05m

k,q = 1.5, k3 = 0.01 m*(g)/m>(cat)-s

It is also estimated from correlation that d), is 0.05m and u, = 1.5m/s.
Calculate the conversion to desired product, and the selectivity, defined as
[R/(4y — A)].

Section 8.2

4.

6.26

For the case of irreversible first-order kinetics, show how the result of
equation (8-107) can be reduced to the form for rate of reaction given in
Table 8.1b.

The hydrogenation of a-methylstyrene to cumene was studied in an agi-
tated slurry reactor at 70—100°C using as a catalyst powdered 0.5 wt% Pd/
Al,O5. The catalyst loading, W, was 4 x 1073 g/cm3 slurry, and the cat-
alyst had a density, p,, of 1.58 g/em® and an average particle diameter, d,
of 0.005 cm. At 100°C the density of a a-methylstyrene is 0.84 g/cm’, the
viscosity is 0.47 cP, and the diffusivity of H, in the liquid is 3.6 x 107°
cm?/s. Determine if the rate of mass transfer is an important factor in the
observed rate of reaction, which at 100°C was about 4.3 x 10~° gmol/cm’
slurry-s.

Determine the liquid volume of a slurry reactor, which is well agitated,
that will be required to convert 60% of the liquid reactant in an addition
reaction at 525°K for

A(g) +3B(1) —» P

The gaseous reactant is present in excess for saturation at 10~ mol/cm’,
with a Henry’s law constant of 3 [(mol/cm’ )g/(mol/cm3)1]. The inlet con-
centration of B in aqueous solution is 10> mol/cm?, and is introduced at

26 After H.H.

MA, (1985).

Lee, Heterogeneous Reactor Design, with the permission of Butterworth Publishers, Boston,
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a volumetric flow rate of 1cm?/s. The liquid-solid mass-transfer coeffi-
cient, kgS,, is 257! for both A and B. The intrinsic rate of reaction has
been determined separately and is given by

(=ra) = 10"[exp(~20/RT)|CyC

where the activation energy is in kcal/mol and the rate in mol/cm?
catalyst-s. It may be assumed that the fraction of the liquid volume
occupied by the catalyst is 0.02.

(a) Suppose oxygen is supplied from air into a well-dispersed suspension
of bacteria in a mixed reactor. Oxygen transfer from the bubbles of air to
the suspension liquor is usually the rate-limiting step in the overall aero-
bic process. Using the parameters below, find the apparent maximum rate
of oxygen transfer from the suspension to the bacterial surface.

b, = diffusivity of O, in the suspension = 107> cm? /s

d, = average cell diameter = 2 x 107* cm

C, = cell density = 10® cm ™

C, = bulk liquid O, concentration = 6 ppm
T =25°C

It may be assumed that the relative velocity between the bacteria and the
suspension medium is very small.

(b) The observed rate of O, uptake under the conditions stated above
actually turns out to be some orders of magnitude less than that calcu-
lated in (a). Can you propose an explanation?

(c) Do a little research and find out how the parameters described above
are determined.

We are most accustomed to the generic problem of “given the parameters,
how is something (often the conversion) determined?”” However, it some-
times occurs that the conversion required is a specified design require-
ment, and we must determine a permissible feed concentration (or
corresponding range). In this case let us consider a first-order irreversible
reaction taking place in a given slurry reactor. All of the mass-transfer
coefficients, the mass of the catalyst, the gas velocity, the Henry’s law
constant, etc., are known. The required exit concentration is specified.
What should be the inlet concentration of the reactant?

(a) To have fun with this problem, consider that the reaction is actually
second-order in reactant.

(b) For further fun assume that the catalyst (either case of kinetics)
diminishes in activity in a linear fashion by 1/2 over one day (dependent
only upon time-on-stream), and you must design for operation to final
specifications over a three-day period.

Consider a slurry reactor with a well-mixed slurry phase in which the
reaction of Problem 6 is taking place. The gas-phase concentration of
Ais Cy = 10~* mol/em?®, and the inlet liquid-phase concentration of B
is Cp, = 107 mol/em®. It is assumed that the products have no effect on
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the system, and it is required that 60% of B is to be converted to pro-
ducts. Further details are

Dy = 107> cm?/s

p,=3.0g/ cm® (catalyst particles)
d, = 10~ cm (catalyst particles)
kS, =2 s™! (for B)

ks = ko exp(Ex/RT)CY?

ko = 10'° (cm?®/mol)"/? /s

E, =20 kcal/mol

H, = 3[cm3/m01)1/(cm3/mol)g]
pg = 0.5 g/ecm’

Additional information: All the parameters may be taken as independent
of temperature. The liquid feed contains 2 vol% of catalyst, and it was
determined that the rate of mass-transfer of A to the catalyst surface is
much greater than that of B. The intrinsic rate of reaction of B is

(—rs) = ko eXP(—EA/RT)[CB]m[CA]]/Z; m=1

(a) Calculate the effectiveness factor for reaction temperatures of 350,
750 and 950°K (nonvolatile liquid phase). Determine from this whether
the overall conversion is reaction limited, mass-transfer limited, or a
mixture of the two, for each temperature level.

(b) Repeat part (a) for different kinetics: m = 0.5 and 2.0. Demonstrate
the effect of apparent reaction order in B on the relative rate-controlling
steps.

Section 8.3

10.

11.

12.

As promised in the text, derive the expressions for the constants G, G,,
H,, and H; appearing in the analysis of Section 8.3.2 for both batch and
countercurrent cases.
Outline an experimental procedure and a method of data analysis that
will enable one to determine the constants KpS, K and k of Illustration
8.4 with a minimum of experimental effort. Assume that D(#) measure-
ments were taken at equal time increments (i.e., 0.1, 0.2, 0.3---h.)
Benzene is to be nitrated in a batch reactor with acid composed of
15mol% HNO;, 25mol% H,S0,, and 60mol% H,O. The amount of
this acid is to be 10% in excess of the theoretical amount required for
100% conversion, although only 96% conversion is required. The reac-
tion temperature is 40°C, at which the densities are 0.87, 1.20 and 1.60 g/
cm’® for benzene, nitrobenzene, and the acid mixture, respectively.

The changes in density with composition may be neglected, but volume
changes upon reaction should be considered. The solubility of organics in
the acid phase, and water and sulfuric acid in the organic phase, may be
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neglected, but the distribution of nitric acid between the two phases is
important and should be accounted for (the volume of nitric acid in the
organic phase, however, can be neglected). The simplification of solubi-
lities here is for material balance purposes, since the reaction actually
occurs in both phases.

We must calculate the time required for 96% conversion. The rate

information of Biggs and White [M. Biggs and R.R. White, Amer. Inst.
Chem. Eng. JI., 2, 321 91956)] can be used, and one may assume that the
volume of benzene and nitrobenzene are additive. Note that the equation
in the title of Figure 11 of that reference is in error. (Optional question:
What does one do with the reaction mixture at the end—both to recover
product and minimize environmental problems?)
Below are two sets of data on the hydrogenation of benzene and of
phenol. Determine a means for the interpretation of the lowest and high-
est pressure data, and use your correlation to predict the middle-pressure
results. Note that the original charge was apparently partially hydro-
genated. Temperature in both cases was 120°C.

Percentage of Benzene Hydrogenated

Time, h 30 atm 169 atm 323 atm
0 17 29 34
0.5 40 68 75
1.0 61 90 93
1.5 76 98 100
2.0 87 100 —
2.5 96 — —

Percentage of Phenol Hydrogenated

Time, h 40 atm 150 atm 330 atm
0 5 27 20
1 27 49 49
2 41 63 62
3 50 73 70
4 59 81 —
5 67 85 —
6 72 87 —
7 76 — —

Let us now re-examine the data and your interpretation for the benzene
hydrogenation data of Problem 13. We now need to design a suitable
hydrogenation reactor system. It was proposed to charge an autoclave
with 75 liters of pure benzene at operating temperature (120°C) under
conditions such that at the end of the charging period there is negligible
free space in the reactor. The pressure of the operation, though, must be
maintained at 30 atm.

(a) Estimate the intake volume of the hydrogen compressor (liters/time at
SC) required to duplicate the time cycle of the laboratory run.
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I5.

(b) What is the time required to attain 99% conversion with a compres-
sor with only half the capacity of (a).

Neglect any inerts in the hydrogen and the benzene vapor. The density

of benzene at these conditions is 0.76 g/cm?.
The heat of reaction for the nitration of benzene with the mixed acid of the
composition considered in problem 12 is about 38 (kcal/gmol-benzene) at
the start of the reaction. Calculate the rate of heat evolution under these
conditions. This will be found to be a dangerously high value. What
manner of reactor operation would you suggest to get around this diffi-
culty?

Further, plan a process in which the reaction is to be carried out with
a charge of 5000 pounds of benzene in a vessel equipped with internal
heat-transfer coils and with sufficient surface area to satisfy an allowable
temperature rise of 10°C. Cooling water is available at 20°C. In the
reactor the heat-transfer area is 300 ft>, and an overall heat-transfer
coefficient of 200 Btu/ft>-h-°F can be maintained. The reaction is to be
carried out at 40°C, and under these conditions the nitric acid dissolved in
the organic layer may be neglected. The acid is to be fed at a constant rate
such that if it were all converted the limiting heat-removal rate would not
be exceeded.

Now, calculate the rate and the conversion at the end of the feed
period. Again, the total acid used should be 10% in excess of that theo-
retically required. Remember that after all the acid has been fed (after the
feed period is over), the remaining time for the desired final conversion
can be calculated in the usual way for a batch reaction.

Section 4.4

16.

17.

What system parameters are important in the scale-up of a trickle-bed
reactor to be used for a gas-liquid-solid catalytic reaction if the reaction
occurs in the liquid phase only and is controlled by

(a) the gas-liquid mass transfer?
(b) the liquid-solid mass transfer?
(c) the intrinsic reaction kinetics.

Consider a fixed-bed column with downward cocurrent flow of liquid and
gas phases. The column is packed with 0.3 cm diameter catalyst particles,
with bed void fraction of 0.48, bed diameter of 5cm, and bed length of
150 cm. Gas and liquid fluxes (both superficial) are 10° and 10* kg/m>-h,
respectively. Under reaction conditions the relevant gas properties are:
average molecular weight = 10, density 0.06 g/cm®, viscosity = 0.6 cP,
surface tension = 10 dynes-cm, specific gravity = 0.9, and the molecular
diffusivity of reactant = 10~ ft*/h. From these data estimate

(a) Flow regime.

(b) Pressure drop.

(c) Gas and liquid holdups.

(d) Axial dispersion coefficient (liquid).

(e) Gas-liquid mass-transfer coefficient.

(f) Liquid-solid mass-transfer coefficient.
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18. Figure 8.21d presents some experimental data on liquid-solid mass-
transfer coefficients. How well do these agree with values predicted by
the correlations of equations (8-233), (8-234), and (8-235)?

Notation

A bed cross-sectional area, length2; total surface area in reactor, length2
A, cross-sectional area, length®
Ag concentration of A in gas phase, mols/volume
A, concentration of A in gas phase, mols/volume
Af concentration of A in liquid phase, mols/volume
Ay, B bulk liquid concentrations of A and B, mols/volume
Ao concentration of A at gas-liquid interface, mols/volume
Ag1, Ajg concentration of A (gas) or (liquid) at gas-liquid interface, mols/volume
Agyy Ay outlet and inlet concentrations of A in slurry reactor, mols/volume
Ago, Ao inlet concentration of A in gas and liquid phases, mols/volume
Ay, Bri, Cri inlet concentrations of A, B and C, mols/volume
Ag, Bg,Cyg concentrations of A, B and C at external surface of catalyst particle,
mols/volume
Ay, Ay constants in equation (8-154); concentration of A in phases 1 and 2, mols/
volume
Ay, A>,D{,D,,Gy,G,, Hy, H; constants in equations (8-160)-(8-163)
A* modified concentration = (A4,;/H); modified concentration = (HA4,)
A% equilibrated concentration of A in phase 2, mols/volume
a surface area per unit volume of continuous phase; proportionality constant in
equation (8-247)
a,b Constants in correlation of equation (8-206)

ay nondimensional concentration of A, see equation (8-103); liquid-solid inter-
facial area per volume

a, catalyst external surface area per volume of catalyst

a, ratio of wetted external area to total external area

a constant = (a/Vy N); (SV,,_W) in equation (8-173)

a,  initial value of a’

a',V,,y  average values of a’, V, and y; see equation (8-169)

ap,a, constants defined after equation (8-18)

B, concentration of B in liquid phase, mols/volume

By, initial concentration of B in liquid phase; see equation (8-111)

B, B, concentration of B in phases 1 and 2, mols/volume

C, concentration of reactant in bubble phase; mols/volume

C. concentration of reactant in cloud/wake phase, mols/volume

C, concentration of reactant in emulsion phase, mols/volume

C; concentration of component j in liquid phase, mols/volume

CL Cor + Cyr

C inlet concentration of pure reactant, mols/volume

C4i, Cyo inlet and outlet concentration of A in Denbigh sequence, mols/volume

Cor bubble phase concentration at L, mols/volume

Ci, Cic, Cio concentration of A in bubble, cloud and emulsion phases, mols/

volume
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C,i inlet concentration of j in liquid phase, mols/volume

C, initial bulk concentration of liquid phase reactant, mols/volume

C,; equilibrium concentration of j with reversible reaction, mols/volume

Cs,,Cr,Cy, outlet concentrations of S, T and U, Denbigh sequence, mols/
volume

Cinys Cout reactant concentration in and out of reactor, mols/volume

Cr(max) maximum concentration of R, mols/volume

C constant in equation (8-232)
D molecular diffusivity, length? /time, typically cm?/s
Dy, Dy diffusivities of A and B in liquid phase, cm?/s

Dg, Dy axial dispersion coefficients for gas and liquid phases, cm?/s
D, effective diffusivity, cm?/s
D, orifice diameter, length

Dy diffusivity of reactant A in liquid phase, length?/time

Dy effective diffusivity, cm?/s

D bulk diffusivity; diffusivity in liquid; see equation (8-238), cm?/s

d,, bubble diameter, length

d, diameter of cloud/wake phase, length

d, particle diameter, length

d,, initial bubble diameter, length

E efficiency at same conversion, (PFR/FBR); see equation (8-34)

Eq, E; energy dissipation factor for gas and liquid phases, equations (8-231) and
(8-232), W/m®

F factor defined in equation (8-177)

F, F, flow rates of phases 1 and 2, volume/time

f nondimensional concentration of A = (A/A,); frequency of bubble forma-
tion, time™'; bed void fraction

f. cloud volume factor; see equations (8-56) and (8-57)

S wake volume factor; see equations (8-56) and (8-57)

G gas phase flow rate, mols/time

Gr liquid mass flow rate, mass/area-time

G, inlet gas phase flow rate, mols/time

G, G, constants in equation (8-151); gas flow rate into and out of reactor, mols/

time

g gravitational constant, length/time’

H Henrys law constant, typically atm/(mol/volume)

H,, Hp Henrys law constant for A and B, atm/(mol/volume)

H,y, H, constants in equation (8-154)
h gas phase holdup
1 integral function defined in equation (8-112)

Jjp mass transfer factor

Ky mass transfer coefficient, time ™'

K, Kp absorption equilibrium constants in Langmuir-Hinshelwood rate equa-
tion, volume/mol

K, K liquid-solid mass transfer coefficient for i, length/time

Kt overall external mass transfer coefficient, length/time

Ky composite rate constant; see equation (8-26), time ™'

K, overall rate constant; see equation (8-117), time ™'
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K. rate constant, time_]; see Figure 8.7

Ky, K, overall mass transfer coefficients, bubble to cloud/wake phase and
cloud/wake to emulsion phase, respectively, time ™!

K rate constant defined in equation (8-75)

Kiyr rate constant defined in equation (8-74)

Ky12, Ky34 overall rate constants in equations (8-72) and (8-73)

Kpe iKee i mass transfer coefficients for i, bubble to cloud/wake phase and cloud/
wake to emulsion phase, respectively, time ™

Kga, Kga' overall gas phase mass transfer coefficients, mols/time-volume-atm

(KLS)A overall mass transfer coefficient for A, time ™'

K, rate constant in Langmuir-Hinshelwood scheme, typically (volume/mol)/

time-wt; see equation (8-84)

k rate constant, time ™!

ki, kg individual liquid and gas phase mass transfer coefficients, length/time

ky mass transfer coefficient, length/time; see equation (8-8)

ke, rate constant ratio = (K;/k;)

k gas phase mass transfer coefficient, length/time

ky liquid phase mass-transfer coefficient, length/time; mass-transfer coefficient in

presence of reaction; see equation (8-138), length/time

Ky, pseudo first-order rate constant, time ™!

K (i) rate constant, time ™' ; see equation (8-83)

k, rate constant, time '

k liquid-solid mass transfer coefficient, length/time

Kper ke mass-transfer coefficients, bubble to cloud/wake phase and cloud/wake

to emulsion phase, respectively, (time-area)”'

ke ko ks, kg rate constants in Denbigh sequence, time ™!

krp, mass-transfer coefficient in liquid phase; see equation (8-233), length/time

ki kg liquid phase mass-transfer coefficient in absence of reaction, length/time

k12, k34 combined constants = (k,; + k,2), (ki3 + k.4)

kgay,kray gas and liquid phase mass-transfer coefficients in trickle bed,

time ™!

(kgSp) gas phase mass-transfer coefficient, time'

(k1Sy) liquid phase mass-transfer coefficient, time™

(ksSp) liquid-catalyst surface mass-transfer coefficient, time'

(kgS)a gas phase mass-transfer coefficient for A in slurry reactor, time™

(k1S1)g liquid phase mass-transfer coefficient for B, time ™'

(k) sps (K1) s values of k7 for single bubbles and bubble swarms

ky,ky constants defined in equation (8-187b), time ™

L bed length or height (expanded); liquid film thickness, length

Ly height of unexpanded bed, length

[ distance variable in liquid film, length

LHSV liquid hourly space velocity, time™

M4 constant defined in equation (8-96)

m catalyst loading, wt catalyst/volume slurry; fitting constant in equation (8-221)

m,n reaction orders

N number of bubbles/volume of bed; number of bubbles/volumes of liquid

Np number of bubbles/reactor volume

Ng, EG6tos number = (pLga’j /or)

1

1

1
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Np, Froude number = (1g/6)
Ng, Galileo number = [d;pL(qu + AP )/ s
Ng, Schmidt number + (v/D)
Ng;, Sherwood number = (k,d,/D); (kp»/asD 1)
Ng, Reynolds number = (p; L/ A a,pup); see equation (8-233); (gd), /1)
Nwe Weber number = (6pu* /o)
Npa)p gas phase Damkdhler number = (k, /k,H 4)
) Damkohler number for cloud/wake phase = (k,./Kj,)
Npa), Damkohler number for emulsion phase = (k,./K..)
) liquid phase Damkdhler number = (nk/k;)
) overall Damkohler number; see equation (8-124)
)L Froude number = (G7/ pZLdpG)
Npo)rs(Nre)rs (NGa); Peclet, Reynolds and Galileo numbers defined on the
basis of interstitial velocity; see equation (8-244)
(Nge)s Reynolds number = (G, d,/jy); see equation (8-247)
(Nsn)g> (Nsn) Sherwood numbers for gas and liquid phases
(Nwe)r Weber number = (GzLdp/aLpL)
(Nge'), modified Reynolds number = (ppu; /asu; 5;)
n constant in equation (8-171); reaction order
P pressure, atm
APg, AP, pressure drop in gas and liquid phases, atm
AP pressure drop of liquid-gas phase, atm
0 gas flow rate, volume/time; overall mass exchange coefficient
q cross flow mass transfer coefficient in fluid bed, volume/time; liquid phase flow
rate, volume/time
R bed radius, length, catalyst particle radius, length; gas constant, kcal/mol-K
Ry rate of reactant consumption, mols/volume slurry-time; rate of reaction of A,
mols/volume-time; flux of A, equation (8-137)
R; gas holdup = (1 — R;)
R; liquid phase holdup
(—r) rate of reaction, mols/wt-time; see equation (8-83)
(—ra) rate of reaction of A, mols/volume-time
i rate of reaction for component j, mols/volume-time
[—r(A4%)] rate in terms of A*, mols/volume-time
ry, Ty constants defined after equation (8-200)
S interphase area; interphase area for mass transfer, typically area/volume;
bubble shape factor; see equation (8-173); external mass-transfer factor;
see after equation (8-256)
S. interfacial area; see equations (8-156) and (8-157)

Sy interfacial area; see equation (8-133)

S| gas-liquid interfacial area; see equation (8-144), (:m2/<:m3

S, particle external surface area, length?

S, Sh interfacial areas for liquid-solid and gas-liquid in slurry reactor, area/
volume

Spes See interfacial area, bubble to cloud/wake phase and cloud/wake phase to

emulsion phase
S, q correlation constants; see equation (8-235)

T temperature, °C, K
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t time; exposure time for element of bubble surface in contact with emulsion phase
tp batch time required for conversion x
tp,tr characteristic times for diffusion and extent of reaction; see equations

(8-207) and(8-208)
i average liquid residence time = (V; /v)
() ()6 residence time for liquid and gas phases, respectively
L, length of time that an element of fluid remains in reactor
Uy, U,r superficial gas and liquid velocities; see equation (8-256), length/time
u fluid velocity, length/time
u, bubble phase velocity = (u, — u,,), length/time

u, superficial velocity of gas through emulsion phase, length/time

Ug bubble velocity in slurry reactor, length/time

ur, interstitial liquid velocity, length/time

Uy, Ug liquid and gas velocity; see equations (8-130) and (8-131), m/s

u inlet fluid velocity, length/time

u; entrainment velocity, length/time

up, bubble rise velocity, length/time

Upyf minimum fluidization velocity, length/time

Ugy superficial velocity of liquid phase, length/time

V average volume per bubble; liquid volume per volume of reactor; total reactor
volume

vy volume of bubble phase; volume of a single bubble

V, gas phase volume

V liquid phase volume

V, slurry volume; volume of liquid phase

v, particle volume

V volume of solids

Ve volume of a bubble; see equation (8-203)

Vo, (Voc)o average bubble volume; initial average bubble volume

Vop initial bubble volume

Vi, Vs volume of phases 1 and 2

v volumetric flow rate, volume/time

Up bubble velocity, length/time

U average bubble rise velocity, length/time

vy average velocity of liquid phase, length/time

w mass of catalyst/volume of slurry; constant = (.71 1g1/2(6/7r)1/6
X reactant conversion = [1 — Couier)/ Cinter)]

X reactant conversion

v distance (reactor length) variable; nondimensional length = (1/L)
Vi mol fraction of component j in gas phase

Voj inlet mol fraction of j

z bed length
z length variable

Greek

« fraction of liquid phase occupied by liquid film; stoichiometric coefficient;
constant in equation (8-221) = (¢P/HG)

a, 8 constants in ry, r,, defined after equation (8-200)
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a, B,y constants in equations (8-21) and (8-13)

ap constant = (K;.S), /u,Ha
aa, Ba constants in equilibrium relationship for A%
01, Bg liquid and gas holdup based on total reactor volume

B, By dynamic holdup; total holdup
B,  external holdup

v correlation factor in equation (8-255)

Yoy Ves Ve volume solids/volume fluid in bubble cloud/wake, and emulsion phases,
respectively

o velocity ratio = (ug/uy); volume fraction of bubbles in bed; see equation (8-59);

stoichiometric coefficient; distributor orifice diameter, length
€ bed porosity; fraction of volume in phase 2
€r fluidized bed porosity
Emf bed porosity at u,,
n overall effectiveness factor; see equation (8-101); effectiveness factor for cata-

lyst
NCE fraction of external catalyst particle surface wetted
Nra effectiveness factor in trickle bed
My M phase effectiveness factors; see equations (8-119) and (8-120)
M, catalyst effectiveness factor; see equation (8-97)

;i phase i effectiveness = [,;/(1 + v;Np,,)]; fraction of catalyst pore volume filled
with liquid

i overall effectiveness; see equation (8-122)

0 catalyst porosity

A enhancement factor; see equation (8-139); trickle bed scaling parameter; see
equation (8-222)

A generalized dimension = (V,/S,)

Ay, Ay, A parameters in equation (8-256)

1 gas viscosity, typically cP; viscosity, cP

1173 liquid viscosity, cP

HE,0 viscosity of water, cP

v stoichiometric coefficient; kinematic viscosity = (x/p); bubble formation fre-
quency, time ™!

13 nondimensional distance = (z/Z)

p gas density, mass or mols/volume

PLs PG gas and liquid densities, mass or mols/volume

Pl liquid density, mass or mols/volume

Pp catalyst particle density, mass/volume; solids density, mass/volume

Ps solids density, mass/volume

Pairs PH,O densities of air and water, mass/volume

P15 P2 constants in equations (8-154) and (8-160)

o constant in equation (8-154); surface tension of gas-liquid interface, mass/
time?

OA constant in equation (8-103)

or liquid surface tension; see equation (8-252), mass/time2

OH,0 surface tension of water, mass/times’

T ratio = (V/v)
T(max) T corresponding to C(max)
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1) generalized Thiele Modulus; see equations (8-100) and (8-135)
¢o  Thiele Modulus = L(k/D)"?

OB modified Thiele Modulus; see equation (8-239)

X pressure drop ratio

v trickle bed scaling parameter; see equation (8-223)

Note: Additional notation is given in Tables 8.1 and 8.3, in Figures 8.16 and 8.17,
equations (8-191) and (8-192), and in Illustrations 8.4 and 8.6.



